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Design Concepts for Process Control
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Six criteria are offered for the evaluation of the performance of process controllers. Classical techniques for
the design of PID controllers and modern control theorstic techniques for controller design are reviewed. It is
shown that modern optimal control algorithms often do not lead to useful controller designs. They are useful
only as tools in heuristic design methods. Their main problem is sensitivity to the nature of the process transfer
function and the lack of conservative design methods. The problems faced in developing better algorithms are

outlined.

1. Introduction

In recent years there has been a growing literature on the
applications of optimal control techniques in the process
industries (Bryson, 1967; Cegla, 1969; Denn, 1972; Doug-
lass, 1972; Gould, 1969; Lim, 1970; Lapidus, 1967; Lueck,
1968). However, it is generally felt that these methods have
not made the expected impact on the industrial practice of
process control, a problem which was the subject of panel
discussions at several recent AIChE meetings (National
Science Foundation Workshop, 1973; Foss, 1973).

Often the hypothesis is raised that the lack of applica-
tions is due to the lack of sophistication of the practitioner
and might be the result of the normal time lag between the
conception of modern control system design techniques in
the academic community and their industrial application.
Some are less generous and claim that the problems dealt
with in the academic world are too far removed from reality
to lead to useful results. One of the authors (R.S.) has been
involved in industry for many years and has often tried to
apply some of these optimal control techniques with rather
limited success and reluctantly has come to the conclusion
that in the present state of the art it is quite difficult to
apply optimal control theory to an industrial problem. It is
not that the techniques are not useful. In fact, they often
contribute significantly to our understanding of the prob-
lem. It is rather that they are often not in a state where
their application is straightforward enough to allow their
use in a reasonable amount of time without extensive study
and research, and where straightforward application might
even lead to serious troubles.

We therefore need to rethink our approach to the prob-
lem, and this paper is intended to be a first start in this di-
rection. We will try to present a critical review of the appli-
cation of modern control theory techniques to process con-
trol, and, although the paper contains considerable
amounts of heretofore unpublished work of our own, it is
not a regular research paper, but rather a special type of re-
view.

We do not intend to cover the whole spectrum of process
control, but we choose to concentrate on a rather simple
and almost trivial problem: the design of analog controllers
for single-input single-output systems, and specially over-
damped systems. An example of such a system is the trans-
fer function

e—fs

Gp(s) =(TS—+Z—)‘ (1.1)

! Department of Chemical Engineering.
2 Department of Electrical Engineering.

2 Ind. Eng. Chem., Process Des. Dev., Vol. 15, No. 1, 1976

Page 1 of 12

It is trivial in the sense that classical frequency response
methods lead to satisfactory designs. Interestingly enough,
a considerable part of our optimal control literature deals
with examples of this type (Lim, 1970; Lueck, 1968; Cegla,
1969; Koppel, 1968; Kalman, 1960).

We started our own research with the same type of prob-
lem for the reason that a well understood example is the
best test for any algorithm. If the algorithm fails to produce
reasonable process performance we can thoroughly analyze
the example system and hopefully understand why.

We are fully aware that the interesting problems are far
more complex and that optimal control has been applied to
multiple-input, multiple-output problems. We will show,
however, that our approach and conclusions also apply to
those cases.

An important feature of a good control system design al-
gorithm is that it provides the practicing engineer with a
framework within which to cast his problem and provides a
systematic design procedure which can be applied to a larg-
er number of similar problems. If, however, an algorithm
gives unsatisfactory results, we have to understand why,
and put proper safeguards into the design algorithm.
Hence, in section 2 below we state our interpretation of the
principal desirable characteristics that should be achieved
by a process controller. In section 3 we describe and com-
pare various design methods for the classic PID controller
in terms of their achieving these goals. In section 4 we de-
scribe some approaches to the design of process controllers
using frequency-domain and- time-domain optimization
procedures. Section 5 contains an evaluation of three com-
peting process controller designs for a simplified problem.
Our conclusions are summarized in section 6.

2. Design Criteria for Process Control

Before discussing in detail the advantages or disadvan-
tages of specific controllers, let us restate the aims and
goals of process control and the specifications that such a
controller must fulfill. We will list them first without any
intention of ranking them. Again, we are referring here to a
simple continuous feedback controller, as discussed in the
optimal control literature (Horowitz, 1963; Hougen, 1964;
Ziegler, 1942; Cohen, 1952), which may be part of a more
complex system but which can be designed separately.

It is important to remember that in process control we
seldom totally rely on such controllers, and that they nor-
mally are part of a more complex scheme which is managed
by an operator who achieves the desired control of the total
process by adjusting the set-points of individual control-
lers. Interestingly, contrary to quality control in mass pro-
duction by machine tools, there has been little systematic
research on the way an operator should or does control a
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Figure 1. Process control configuration; Gp(s) = plant transfer
function; Gc(s) = controller transfer function; Xp = set point.

complex unit. But we still have a pretty good idea on what
demands are put on the controller. In the following an at-
tempt is made to summarize these into six criteria.

(1) Ability to Maintain the Controlled Variable at a
Given Set-Point. The first demand seems rather trivial, as
this is the most obvious goal of process control. But this
most essential requirement of process control is often the
most difficult to fulfill as it creates mathematical difficul-
ties for most of the optimization algorithms proposed thus
far in the process control literature (Koppel, 1968) and we
therefore would like to define it rather precisely.

The fact that the process of Figure 1 can be controlled by
a controller measuring a single variable y(¢) and manipu-
lating another u does not mean that the process has a sin-
gle input. In fact it may have several feed-streams as well
as other uncontrolled inputs such as environmental tem-
peratures, moisture, etc. When the operator makes a set-
point change he may also simultaneously change the set-
points of other units which may change some of the input
to the process under control. The value of the controller is
that it is able to maintain the controlled variable x at a
given set-point x;, and compensate for all the other un-
known and changing inputs to the plant. Obviously, in a
real system it can only accomplish this for a given range of
inputs, and when one of the inputs exceeds that range the
operator must step in. But within its operating range this
controller must be able to handle the process to be con-
trolled, without any specific knowledge about the value of
the different inputs.

Therefore, when changing a set-point an operator has
only very imperfect knowledge as to what the proper
steady-state control should be and the controller must be
able to estimate this input, which in conventional control is
achieved by the integral control mode.

(2) Set-Point Changes Should be Fast and Smooth.
As the overall system may be slow and complex, it is impor-
tant for the operator to be able to perform individual set-
point changes as fast as possible. However, minimum time
response often leads to large excursions in the system tran-
sient response, and smooth response (or low overshoot) has
a significant advantage. The operator normally does not
know what the proper set-point is. If there is severe over-
shoot he will normally try to counteract and thereby often
aggravate the problem. While this problem of minimum-
time response has attracted a great deal of attention in the
optimal control literature (Bryson and Ho, 1967) and while
it is a very important one, fast time response cannot be
treated in isolation and is only one part of a process con-
troller specification.

(3) Asymptotic Stability and Satisfactory Perfor-
mance for a Wide Range of Frequencies. The total sys-
tem (not necessarily the controller) should obviously be
asymptotically stable to be suitable for operator control.
This asymptotic stability should be achieved even though
the process parameters may change within a reasonable
range of system parameter values.

Furthermore, the closed-loop transfer function frequen-
cy response should not have peaks indicating strong ampli-
fication of certain input signals. This means that the maxi-
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mum amplification in the transfer function from distur-
bance input to process output should be low. This should
be true for disturbances such as wq in Figure 1, which are
filtered through the entire plant as well as measurement
noise, disturbances which appear in an “unfiltered” form
such as w(t) in Figure 1. Most of the inputs to a plant are
filtered through the plant, and, though the transfer func-
tion from each disturbance to the output may be different,
they all may have the same denominator. Some distur-
bances, however, may be created in the process itself or
may be entering the process in a later stage. The first type
are normally the more important as in most cases they de-
termine the steady-state level of the manipulated inputs as
well as of the uncontrolled state variables.

(4) The Controller Should be Designable with a
Minimum of Information with Respect to the Nature
of the Input and the Structure of the System. In many
cases in process control we have a rather imprecise knowl-
edge of the nature of the disturbances and their variation
with time. If the payoff is sufficient, we can try to obtain
that knowledge. But even if we can obtain this knowledge
we would still like the controller to protect us against con-
tingencies, sudden changes in its inputs, etc.

The second requirement of obtaining a controller design
despite the lack of knowledge of the system structure is
more stringent. In most situations the process to be con-
trolled is only inaccurately known, or is so complex that we
try to get away with using a design based upon a simple ap-
proximate model of the actual process. We have to be care-
ful that the control action achieved in theory is not strongly
dependent on that part of our model which is inaccurate. A
short example will illustrate this. Consider, for example, a
distributed-parameter system (as for example, a heat ex-
changer), which features both mixing process and transport
delays. For mixing studies we might successfully model it
as a series of three stirred tanks. However, if we design an
optimal controller for three stirred tanks we might obtain a
controller which combines derivative action with a very
high gain. While this would function well in three stirred
tanks, it will lead to instability in the real system due to the
finite timelags involved. It is this need for structural insen-
sitivity which is the hardest one to evaluate in practical ap-
plications of optimal control and will be discussed in detail
later.

Any design method must therefore be related to a meth-
od of systems identification and take into account the dif-
ference between the model and the real system.

(5) The Controller Should be Insensitive to Change
in System Parameters. In a real control situation the pa-
rameters of the system and of noise parameters are not ac-
curately known and in addition often change with time.
The controller must be able to handle reasonable changes,
with a sufficient stability margin. The reason for this need
is twofold. First, the throughput through process equip-
ment changes due to varying overall needs of the plant.
That means in a process with a time lag the controller must
be able to perform while the actual time constants of the
system change and these changes are in no way negligible
(a factor of 2 is a reasonable range for many processes). The
second reason is that as mentioned above, linear system
equations are often a linearization around a steady state
and when the steady-state set-point is changed these lin-
earized system parameters may change significantly.

(6) Excessive Control Actions Should be Avoided.
There are two main reasons for limiting the control effort.
The first is mathematical. When dealing with a linear prob-
lem we neglect one important nonlinearity, the finite limits
on the magnitude of allowed control signals. To avoid er-
rors we must put reasonable limits on magnitude of control
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or we have to take this nonlinearity into account in our de-
sign. Strong control action might also be costly and there is
an economic reason for limiting control action as, for exam-
ple, in space flight. In process control reducing the control
actions is seldom of economic significance as there are very
few cases when a minimization of control effort can really
be justified on cost considerations alone.

If one locks at any of the optimum control strategies as
to the way they fulfill these requirements it becomes ob-
vious that in the present state of the art it is impossible to
incorporate all of them simultaneously into an algorithm.
All existing algorithms are written for one or two of the
above points and the rest must be tested for in a rather
pragmatic way. After several such tests in practical situa-
tions it soon becomes evident that some of these require-
ments are contradictory, such as 2 and 4, and that a com-
promise is needed. And here we come to a basic problem in
the application of optimal design methods for problems
which basically demand a compromise solution. It is not
clear a priori that a method that searches for an optimum
for one specification or maybe for two together (2 and 6 are
quite accessible together) leads even to the proper specifi-
cation of the structure of a controller which will give a sen-
sible compromise for all of them. One of the advantages of
the PID controller is that we have for its design, methods
which will almost always lead to a reasonable, workable
compromise. Hence, before we can find wide general appli-
cations to optimal control, we have to work out similar
methods which either guarantee a sensible compromise or
tell the designer more clearly the type of problems for
which the method will lead to a good overall controller.

To illustrate the problems involved we will discuss in
more detail the properties of PID controllers and of con-
trollers designed using the framework of optimization pro-
cedures. PID controllers have been selected since a large
literature on PID controller design exists although for
many processes simpler PI, or even proportional control-
lers, would often be quite adequate. The optimal control-
lers to be examined are designed using the theory outlined
in section 4.

3. The PID Controller

Several conventional design methods have been pro-
posed in the literature for the PID Controller (Horowitz,
1963; Ziegler, 1942; Cohen and Coon, 1953; Hougen, 1964;
Gould, 1969) and some, such as the Cohen and Coon meth-
od, deal specifically with the case which is the base for our
comparison, an overdamped system with delay. It is inter-
esting to note that all of these design techniques lead to
controllers which are almost identical (Koppel, 1968), de-
spite the fact that they are based on different design proce-
dures. We will indicate below one possible reason for this
similarity in controller structures.

Any useful design method must have an identification or
modelling procedure as an integral part (Seinfeld, 1974).
Let us first define the design problem. We start with a pro-
cess, and we will consider here a case of single manipulated
variable u and a single measured variable y, keeping in
mind that the set point of y is adjusted by other measure-
ments. If we linearize the system then we can write a linear
transfer function

Y(s) = Gpluls))

Our first problem is to get an estimate of Gy[u(s)]. This
is the initial step in any controller design. One way is to set
up a simplified theoretical model of the system and identi-
fy the parameters of the model experimentaily. Or we can
base the model on identification experiments, manipulat-
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Figure 2. Step response of plate gas absorption unit and two ap-
proximations (J. M. Douglas): - - - -, exact response; -, first-order
approximation; Gp(s) = 0.221e~3655/(14.15s + 1); - - —, second-

order approximation; G p(s) = 0.221e~145/[(7.08s + 1)-(3.4s + 1)].

ing u and measuring y. Gp(s) can be directly measured by
using sinusoidal inputs. Another way is to use a step input
or a pulse in u and fit a simplified model to the resulting
output. Or Gy(s) can also be computed numerically from
the response to a step or a pulse (Hougen, 1964).

In practice such experiments have often limited accuracy
due to the presence of disturbances and measurement
noise, hence requiring sophisticated statistical identifica-
tion procedures. Furthermore, G(s) changes with through-
put, and also with the set point y, since Gp(s) results from
a linearization.

One often used method (Ziegler, 1942) avoids the prob-
lem of identifying G(s) by just identifying two critical pa-
rameters associated with G (s) the critical frequency wer, at
which the phase lag is 180° and the critical gain which is
the inverse of the amplitude ratio at this frequency. (All
our gains are normalized such that Ay/Au at steady state is
unity.) These parameters can be measured by using pro-
portional control and increasing the gain until the system
starts to cycle. The settings of the PID controller are

Uts) = =K (1 +i+ms) 3.1)
TS
when K, = 0.6K; and 7 = 7/w; and 7p = n/wer.

In practice identification by cycling is sometimes diffi-
cult and one can get similar results by estimating K., and
wer from either a step or a pulse response. Ziegler (1942)
suggested using the step response and fitting it using the
model given in eq (1.1). Parameters are obtained by draw-
ing a tangent through the inflection point, the slope being
1/7, and 8 being the intercept with the time base. This pro-
cedure is only good for overdamped systems. Other models
have been proposed (Murril, 1967; Koppel, 1968). An ex-
ample of such an approximation is giver in Figure 2, which
gives the step response for an extractor (Douglass, 1972).
Murril uses the same model only with a smaller value of 7
((7 + 6) equal to the time when the step reaches 0.63 of the
final value), and Koppel uses a lag in conjunction with a
second-order system). Let us remind ourselves that neither
the complex theoretical response nor any of the models
really represents an extraction column.

Before discussing other modelling and design methods,
let us first look at the performance of a typical PID con-
troller. Let us for a moment assume that the system really
is given by eq 1.1 and that § = 0.5 and 7 = 1.0.
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Figure 3. (a) Time response of PID controller to output unit step
disturbance. (b) Magnitude of transfer function from output dis-
turbance to output response: C, PID control, exact parameters; D,
PID control, disturbed parameters (3 = 0.2); F, PID control, dif-
ferent structure, Gp(s) = 1/(1 + 0.37568)%.

In Figure 3a we give the response of the system to a unit-
step disturbance in the load w(t) for both the ideal PID
controller and for a practical PID controller. The main dif-
ference between the two is that the practical PID controller
has a high and low frequency filter in addition to the terms
given by (3.1). The transfer function is

K. <1 + mps + —1—>
u(s) _ TIS

Gc(s) =
y(s) ™, 1

(3.2)

where

1
Y>> TD, 0 > —
1
In general, the effect of the low-frequency filter is very
small and for all practical applications we may neglect it.
G (s) then becomes

1
Kc <1 + DS + —'>
TIS

G(s) = (3.3)
<T—D S+ 1)
Y

The controller parameters used to generate Figures 3a and
3bare: 7p = 0.17, 1 = 1, K. = 2, o = 8. [The actual Ziegler—
Nichols settings would be K, = 2.4, 71 = 1, rp = 0.25. Our
settings are slightly more conservative.] From the step re-
sponse we note that the performance of the actual PID con-
troller is slightly worse than that of the ideal PID control-
ler. However, controller (3.3) eliminates one of the main
problems of derivative control action, which is the high
control effort due to disturbances with appreciable high-
frequency content. For completeness we give also the fre-
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Figure 4. The effect of parameter changes on Nyquist plot of sys-
tem using ideal PID controller. System configuration as in Figure
3a.Gp(s) = e f/(rs + 1);7=1,8=0/8. — 1; 6. = 0.5; G(s) = 2(1
+ (1/s) + 0.17s).
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Figure 5. The effect of parameter changes on Nyquist plot of sys-
tem using actual PID controller. System configuration as in Figure
3a.Gpls)=e s+ 1,7 =1;8=0/0,~ 1,6, = 0.5, G.(s) = 2(1 +
(1/s) + 0.175)/(0.17/8)(s + 1).

quency response of system (1.1) controlled by a PID con-
troller (Figure 3b) and the Nyquist plot (Figures 4 and 5).

The Ziegler-Nichols settings on a PID controller give a
reasonable compromise among all of the requirements we
defined in the previous section. In addition to the ability to
maintain a desired set point (requirement 1), it has a good
step response (requirement 2) and reasonable low amplifi-
cation (requirements 3 and 6); it is quite insensitive to pa-
rameter changes and not very sensitive to the structure of
the plant (requirement 5). This will be demonstrated in
section 5 on evaluation.

One of the frequently encountered process changes in
chemical processes is an increase or reduction of through-
put. This causes a change in the residence time of the
plant, thus changing the characteristic times in the plant’s
model. However, the ratio between these characteristic
times may not change. Obviously, we would take care of ex-
treme changes by changing the controller parameter set-
tings but the controller should not be too sensitive to such
changes even at fixed settings. In Figure 3b we give the fre-
quency response of the output y to output disturbances w
when no change in throughput has occurred (curve ¢} and
when a change in throughput has occurred such that 20%
error in the previously assumed time characteristics have
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Table I. Controller Settings for System with Transfer Function [1/(1 + (s/n))]" Using Different Identification Methods and
Ziegier—Nichols Controller Settings

Identification Controller settings
method method n 2 3 4 5
(1) Ziegler— Ziegler—Nichols loop k.max = 8 4 2.89
Nichols ulti- turnings method wer — 5.2 4 3.63
mate (closed K. 4.80 2.40 1.73
loop) method 71 - 0.60 0.79 0.89
D — 0.15 0.20 0.22
(2) Ziegler— Ziegler—Nichols 4 1 0.146 0.27 0.36 0.42
Nichols process process reaction T 1.364 1.23 1.116 1.024
reaction curve curve method K. 11.21 5.47 3.72 2.93
method 71 0.292 0.54 0.72 0.84
™ 0.073 0.14 0.18 0.21
(3) P. W. Murril Ziegler—Nichols 1 0.146 0.27 0.36 0.42
method 74 0.92 0.81 0.72 0.66
K. 7.4 3.6 2.47 1.88
1 0.292 0.54 0.72 0.84
™ 0.073 0.14 0.18 0.21

Figure 6. Parameter plane for PI controller.

resulted (curve D). We observe that the difference between
the two curves is not significant and the controller has a
very reasonable frequency response. We also plot the re-
sponse of the controller to a different but similar transfer
function model. It is also insensitive to the exact form of
the plant model assumed since the only important parame-
ters of the model are the maximum allowable gain Ko max
(K; is the maximum gain that can be used (still maintain
stability) when only proportional control is used.) and the
critical frequency K., (rp and 71 will depend on wc,). (wer is
the frequency of oscillation of the system when only pro-
portional control of gain K, is used.) In any case, approxi-
mate knowledge of those features (K. and w.;) is a mini-
mum requirement for any controller design.

Other settings for K, 71, and 7p have been proposed but
they are all rather close to the Ziegler setting. Cohen and
Coon dealt with a method based on the model given in
(1.1). They first found an optimal controller by using set-
tings which minimize the integral square error of a step re-
sponse and as this controller is on the verge of instability,
they modify the settings on the basis of stability consider-
ations.

There is a third way devised by the authors whose value
for this case is merely didactic as it leads to similar results.
In other cases this point of view might be useful since it
may lead to a more direct design procedure. We try to com-
bine the first three requirements mentioned in section 2, in
terms of requirements on the frequency response of the
system. Denoting the magnitude of the amplitude ratio of
the frequency response of the system by G(w) we may im-
prove conditions that will satisfy the actual physical re-
quirements. The first requirement dictates that G(0) = 0.
To ensure fast response G(w) should stay as low as possible
at low frequencies. This can be specified by

dG (w)

dw le—o

Requirement 3 can be expressed quantitatively by limiting

6 Ind. Eng. Chem., Process Des. Dev., Vol. 15, No. 1, 1976
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the maximum value of G(w). However, the last two specifi-
cations may be contradicting indicating the need for a com-
promise. If we specify

dG(w)
dw

then the settings that minimize G max(w) (Where G pax(w) =
max, G(w)) might be considered to be the best, or when
Gmax(w) is specified one might try to minimize

dG(w)
dow

Hence, what is needed is not a controller that is optimum
in a mathematical sense but a “mini-max” controller.

For example, when a system consisting of three stirred
tanks is considered (the one stirred tank and delay is
mathematically more tedious) with a PI controller it is
found that all mini-max settings lie approximately on a line
in the K.~K /71 plane as indicated by the solid line in Fig-
ure 6. Note that both the Ziegler—Nichols and the Cohen
and Coon controller settings are close to the mini-max line.
It is also interesting to note that there is a minimum con-
troller parameter setting Sy, on the line below which
smaller values of K. have very little effect on G pax(w). Sim-
ilarly there is an upper limiting parameter setting Spax
which is determined by the need to ensure a reasonable
safety margin with respect to closed-loop system stability.
Clearly, this mini-max procedure does not take into ac-
count stability in a direct way. Stability is taken into con-
sideration indirectly by limiting the maximum allowable
value of G (w).

More complex methods (Gould, 1969; Horowitz, 1963;
Hougen, 1964) deal directly with the closed-loop frequency
response G(s), but, while the criteria differ, the net results
sought are similar: to allow good control at low frequencies
without amplifying the resonance frequency. Frequency re-
sponse methods allow one, therefore, to make a compro-
mise between criteria 1-4 in a direct way, and are prefera-
ble whenever this is possible or justifiable.

Criterion 5 is harder and is often overlooked. If K. and
wer are measured experimentally, this is taken care of auto-
matically. If models are used, this is more problematic. The
original procedure of Ziegler and Cohen and Coon does not
always guarantee good results as can be shown by a simple
example. In Table I we give the results of this method for
the transfer function 1/(1 + (s/n))* and we note that for n
= 5 the Z-N reaction curve identifying method gives an un-
stable controller. The method proposed by Murril is more
conservative and gives here good results. Methods based on

=€
w0

w0



G o(s) itself will not have this problem, and if Gy(s) is inac-
curately measured we can always be conservative. In prac-
tice an experienced control engineer would be able to ad-
just K. and 71 to ensure stability even in this case. We
brought it to show that this modelling procedure has a far
greater effect on performance than the controller design al-
gorithm. Let us, for example, consider a cascade of three
identical stirred tanks, for which K. may = 8 when only pro-
portional controller is used. If we would really believe that
the three stirred tank model accurately represents the pro-
cess to be controlled, we could, by appropriately designing
a controller (for example, using a strong derivative control
with a large proportional gain) actually achieve nearly per-
fect control.

However, this may be a fiction. A real system has a finite
delay in it and a high gain K. would cause that system to
be unstable. Thus, if we want to stabilize the system by de-
rivative action we need much more detailed information
about the system itself to guarantee the stability.

4. Optimization Techniques

Optimization procedures that have been offered for the
design of process controllers usually involve a two-step de-
sign procedure: (1) the mathematical minimization of a sca-
lar functional performance criterion

Vix(®), u(t)] (4.1)

where x denotes the process dynamic state vector, u de-
notes the control vector which is to be determined, and
where the control interval may be finite or infinite; (2) the
physical realization of a feedback control law

u = ¢(x, t) (4.2)

to effect the minimization of (4.1).

The optimization procedures that have received the
greatest attention for process plant regulation are those
that involve a quadratic performance criterion. The prob-
lems are stated either in a deterministic formulation where
a controller is sought that minimizes an integral involving
quadratic forms in the state and control variables for a
given initial deviation in state, or in a stochastic formula-
tion where the controller is sought to minimize the expect-
ed value of an integral of a weighted sum of quadratic
forms in the state and control variables, conditioned on
knowledge of the random processes perturbing the process
to be controlled and on the available measurements.

4.1 Deterministic Formulation. One class of determin-
istic optimum control problems can be stated as follows:
given the linear system of first-order differential equations

x = Ax + bu(t), x(0) = x, (4.3)

where X is an n vector and u is a scalar input, find the feed-
back control law

u = f(x(t)) (4.4)
that will minimize the quadratic performance criterion
1 =
J = 2 (x’'@x + ru?) dt (4.5)
0

where ( )’ denotes the transpose of a matrix or vector.
Under the conditions that (a) the pair (A, B) is completely
controllable (Kalman) (b) matrices § and R are positive
semi-definite and positive definite, respectively, the opti-
mum control law for this problem is a linear feedback con-

trol law
= —-k'x (4.6)

where
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k'=r"vM (4.7)

and M is the positive-definite solution of the following
nonlinear algebraic equation

MA+ AM—-r"Mbb’M+ Q=0 (4.8)

When conditions (a) and (b) above are satisfied the closed-
loop system that results from use of control law (4.6) is
guaranteed to be asymptotically stable. Note, however,
that control law (4.6) requires measurement of all process
state variables. This may be costly or physically impossible
in certain practical applications. It is also important to re-
alize that care must be taken in properly translating a
physical process control problem into the above mathemat-
ical framework in order to ensure that the resulting con-
troller will yield a feedback control system that meets the
performance requirements mentioned in section 2 above.

When a change in process steady-state operation is de-
sired, one standard procedure for employing the above for-
mulation is as follows: the dynamics of the nonlinear pro-
cess are expanded in a Taylor series about the desired
steady state to yield a system of linear differential equa-
tions

x = Ax + bu (4.9)

which approximately describes the dynamics of state devia-
tions x(t) away from equilibrium as a function of control
deviations u(¢) away from the controller setting required to
maintain equilibrium.

However, an important characteristic of control prob-
lems for chemical processes is that the required control ug
to maintain a desired steady state x, will not generally be
known so that the parameters of the linear system will not
be known precisely. Hence, a designer will use a nominal
linearized model which we will denote by

%X = AcXe + bou(t) (4.10)
Johnson (1971) has shown that parameter uncertainty of
this kind can be taken into account by including “step-dis-
turbance” terms in the formulation of the linearized devia-
tion system which is to be controlled.

In early attempts to apply optimum control theory (Kop-
pel, 1968) to chemical processes, parameter uncertainties
and external disturbances were often ignored and linear
models of the form (4.10) were employed. When these pa-
rameter uncertainties or, equivalently, step disturbances
are ignored in the formulation of the first-order state equa-
tion for the plant of (1.1) it is found that the controller
transfer function is (Koppel, 1968)

Ke=t(rs + 1)
(1es + 1) + K(1 — e~ bc1+s))

where 8. is the nominal value of the plant transport delay
and 7. is the nominal plant time constant. K is the gain of
the controller and depends on the weight given to the con-
trol effort in (4.5). When no weight is given to control ef-
fort, the transfer function of the feedback controller be-
comes

G.(s) = (4.11)

e ft(rs + 1)
1- e—ﬂc(1+s)

Gels) = (4.12)
An undesirable feature of the controllers of (4.11) and
(4.12) is that steady-state offsets will occur in some state
variables. Section 5 contains a more detailed evaluation of
these controllers with reference to the design criteria of
section 2.

If the designer desires to account for parameter uncer-
tainties or external step disturbances, a class of compensa-
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tors, called observer-based controllers after the work of
Luenberger and others (Luenberger, 1960; Luenberger,
1971), might be employed. These controllers act on the
available measurements to provide estimates of unmea-
sured state variables and unmeasurable disturbances. The
design of this type of controller is based on Johnson (1971)
and Luenberger (1960): the step disturbance resulting from
applying an inaccurate steady-state control action is mod-
eled as a first-order system and an additional state variable
augmented to the system equations. The constant distur-
bance is then approximately reconstructed using a Luen-
berger observer. Following the work of Johnson (1975),
constant disturbances can be counteracted by the control
law, which is designed to be a sum of two terms, one that
acts to cancel disturbances, and the other which acts to sat-
isfy the design requirements as if the constant disturbance
did not exist. Although the resulting controller will no long-
er be strictly optimum for performance index (4.5), this
kind of procedure will result in an integral control action,
thus eliminating off-sets of some states.

For a single manipulated-input, single measured-output
system the construction of the observer eliminates the need
for taking derivatives in order to reconstruct the state vec-
tor. Indeed, for a second-order system the compensator
achieved by the above method resembles a PID controller
where the actual system ‘“derivative” action is an approxi-
mation to a pure derivative, thus tending to eliminate fre-
quent saturation of the controller due to the effect of mea-
surement noise.

When applying this procedure to the base comparison
system the resulting feedback controller becomes

[cals

- +els+1)

first order, the resulting optimum controller will have the
same form as a PID controller. If the dynamies of the pro-
cess or of the approximating transfer function is of higher
order, then measurement of additional state variables or a
controller with higher-order derivatives will be required.

4.2 Stochastic Formulation. The above approach of
considering a linear process model and a quadratic perfor-
mance criterion can be extended to provide a design proce-
dure which explicitly accounts for stochastic disturbances
to the process dynamics and for measurement noise.

(a) First consider the case where a white noise random
process perturbs the process dynamics

X = Ax + bu + w(t) (4.15)

where w(t) is white Gaussian noise with zero mean, E{w(¢)}
= (0, and with covariance matrix

Elw(t)w'(t1)} = We(t —t1)

The performance criterion to be minimized is

J=E [% j; (x'Qx + ru?) dt (4.16)
It can be shown that the control law that minimize (4.16) is
(4.6), the same control law that minimizes (4.5) for the
deterministic control problem. The optimum value of
(4.16), of course, differs from the optimum value of (4.5)
because of the presence of the disturbance w(¢) in (4.15).
(b) Next, assume that the process to be controlled is

(4.13)

G(s) =

where
ci=ke = fl1+ k(1 —e79)]
co=—(1+ N1 +k(1—e?)

We see that this controller has a pole at zero which indi-
cates that integral control action will be applied in order to
eliminate offsets.

In this design the value k is to be determined on the
basis of the relative weights given to the state and control
effort in the performance index and the value of f is arbi-
trary but negative. However, in order for the observer to
accurately reconstruct the state of the system, the value of
f should be larger (one order of magnitude or more) than
the value of 1 + k&, since only then will the eigenvalue of the
observer be much more negative than the eigenvalue of the
system it observes, thus causing the observation error to
rapidly approach zero.

The effect of modelling errors on observer controllers has
been investigated by two of the authors {Thau and Kesten-
baum, 1973) and it is shown that caution must be taken
when designing an observer, both in regard to measure-
ment noise amplification and in regard to sensitivity with
respect to parameter variations.

Another technique for eliminating offsets (O’Connor and
Denn, 1972) is based on an idea developed by a number of
investigators in which a performance criterion of the form

V= % j;m [C2x2(t) + LlQ(t)] dt

(f = observer pole, <0)

(k = controller gain)

(4.14)

is minimized for a system described by (4.9). In order to
apply the approach to processes with transport delay the
exponential term in the transfer function of the system
must be approximated by a rational transfer function. If
the approximating transfer function has a denominator of
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s2—(f—1—k)s+se~ts[—fe=0(f — 1) + f(1L — k)] - f(1 + k)[1 — e~?]

given by (4.15) but that the measurements available to con-
troller are perturbed by random noise and are given by

y=Cx + v(t) (4.17)

where the measurement vector y is of dimension m < n and
v(t) is zero-mean white Gaussian noise with

E{v(t)v(t)} = Vot — t1)

The performance criterion is (4.16) but now the expecta-
tion is conditioned on the available measurements.

The solution to this problem is expressed by the Separa-
tion Theorem (Bryson and Ho, 1967): the optimum con-
troller comprises a Kalman-Bucy filter which provides a
minimum-variance estimate %(¢) of the process state and a
control law

= — %b’M:‘:(t) (4.18)
that has the same form as the deterministic optimum con-
trol law (4.6). The optimum estimate %(t) is generated by a
dynamic system

£ =A% +bu(t)+S{t)y - Ck],x(0) =0 (4.19)
where time-varying gain matrix S(t) is given by
S=P@t)C’'V-1 (4.20)

and P(t) is the positive-definite solution of the matrix Ric-
cati equation

P=AP+ PA’+ W — PC'V-1CP (4.21)

If it is assumed that the measurements available to the
controller have been observed over the entire interval —«
< r’<t, where t denotes the current time, then the control-
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Figure 7. Open loop configuration for Wiener design. G (s) = —

[k(s)/(1 = k()G p(s))].

ler has the time-invariant structure specified by (4.18) and
(4.19) with a constant gain matrix S given by (4.20) where
the matrix P is the solution to the nonlinear algebraic
equation

0=AP+ PA’'+ W - PC'V-ICP (4.22)

Extension of this separation theorem to systems with time
delays yields a controller identical in form to (4.11). One
may observe the resemblance between the gain matrix S of
the Kalman filter eq 4.19 and the gain matrix G of the
Luenberger observer.

While the Kalman filter gain (S) is calculated on the
basis of the knowledge of the measurement noise cover-
iance matrix V the observer gain is arbitrary as long as it
satisfies the requirement that the observer error dynamics
by asymptotically stable (Luenberger, 1971).

Earlier work (Cegla, 1969) on the control of processes
subject to random disturbances was based on techniques
developed by Wiener (Wiener, 1949; Newton, 1957) for the
filtering and prediction of stationary random processes.
Using this approach the performance criterion to be mini-
mized is given by

J = E{y2(t)} + AE{u2(t)} (4.23)

where A is a positive number denoting the relative weight
of control effort. Following the development described by
Cegla (1969), it is assumed that the output disturbance w
has zero mean, that the spectral density ®yw(s) is known,
and that the plant transfer function Gp(s) is also known.
Minimization of (4.23) is performed on an equivalent open-
loop system, Figure 7, consisting of the plant and a cascad-
ed compensator, K(s), from which the feedback controller
is then constructed. After K(s) is found via spectral factori-
zation, the feedback controller G.(s) is given by

_ K(s)
1 - K(s)Gpls)

It is important to note that the stability of the cascaded
compensator, K(s), is guaranteed by the procedure, not
that of the feedback controller derived from it (Lim and
Bankhoff, 1970; Leuck and McGuire, 1968; Cegla, 1969).
While K(s) has all its poles in the left-hand plane it is not
guaranteed that G.(s) will have all its poles in the left-hand
plane (Cegla, 1969). The problem of the stability of the
controller has been treated by Bankhoff and Cegla. The
former solves the problem by constraining the structure of
the cascaded compensator, but does not consider the sta-
bility of the controller itself. The latter stabilizes the con-
troller by imposing a larger weight on the control effort (A),
which consequently changes the parameters of the control-
ler and thus affects its stability. A method of how to choose
a suitable weight, A, that meets some constraints on the
variance of the control effort is described in Lim and Ban-
khoff (1970).

When applied to the plant that is the base for the com-
parison of controllers to be discussed in section 5, we use in
the design

G(s) = (4.24)

e—ﬁcs
1+ 7cs

and find the controller transfer function that minimizes
(4.23) to be identical with (4.11) and, of course, to be iden-

Gpls) =
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Figure 8. Stability limits of optimal controller as a function of es-
timation error. Gp(s) = [e™%/(s + 1)]; Ge(s) = [ke (s + 1)/(s +
1) + k(1 — e~ fc1+))]: 3 = 8/6. — 1; 6. = 0.5.
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Figure 9. Stability limits of optimal controller as a function of
load change. Gp(s) = e™%/(rs + 1); Gols) = ke’ (S = 1)/[(s + 1) +
k(1 —e80+sN]- 0 =8,(1 + a); 7 = 7ol + a@); 7 = 1; 8. = 0.5.

tical with the asymptotic form of the controller that em-
ploys a Kalman filter to provide an estimate of the process
state for the time-delayed system with no measurement
noise.

In section 5 below we examine the performance of a
number of the above controllers designed using the frame-
work of optimum control theory and compare the resulting
performance with that of PID controllers.

5. Controller Evaluation

In section 3 we discussed the performance and stability
of the PID controller for our design example. Here, we will
try to compare it to some of the optimal controller designs
given in section 4.

We will start with stability (condition 3). The methods of
optimal controller design discussed above guarantee stabil-
ity of the total system. But this is not sufficient. We need a
sufficient stability margin to take care of inaccuracy in the
model as well as the fact that parameters may change with
changes in throughput, set-point, and operating conditions.
For minimum phase transfer functions the unconstrained
controller has an infinite gain and would become unstable
if we added a small time delay to the system. This sensitivi-
ty is typical of a number of unconstrained controllers. The
deterministic unconstrained controller for our model is also
unstable for small changes in the lag 6. It can be stabilized
by introducing a constraint such as the quadratic con-
straint on the control effort. Other ways will be discussed
later.

In Figures 8 and 9 we give the stability limits of the con-
troller for perturbations in system parameters by plotting
the value of K in eq 4.11 at which the controller becomes
unstable as a function of two system parameters. In Figure
8 we study the effect of changing just the lag # keeping
constant using as a parameter 8 = /6, — 1.

A PID controller under these circumstances is stable for
any value of 8 less than 0.775 (or 8 for our example less
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Figure 10. Nyquist plot of systems using optimal controller. G (s)
= [e7085/(s + 1)]; Gols) = [e7%5(s + 1)/1 = e=05(s+1)],

Figure 11. Effect of parameter variations on Nyquist plot of sys-
tems using unconstrained optimal controller. G(s) = [e~%5(s +
1)/1 — e=036+D] G o(s) = [e™%/(s + 1)]; 8 = 8/6. — 1; 8. = 0.5.

than 0.89). That means we can always ensure stability by
slightly over-estimating 6. The optimal controller (eq 4.11)
shows much more complex behavior as it is unstable for
both increases and decreases in 4. The only way we can
achieve a large stability margin is to choose a very small K.

In Figure 9 a similar plot is given for changes in through-
puts @ = ((§ + 7)/(6. + 7c)) — 1, keeping 6/7 constant. A
PID controller is stable for —0.65 < « < 1.5, or in other
words, we can change throughput by a factor of 2 in both
directions while still staying far from the stability limit.
The unconstrained optimal controller is sensitive to
changes in « in both directions, though the plot is less sym-
metric. Again, a low value of K is needed to ensure reason-
able stability.

For another view of the stability problem we give the Ny-
quist diagram for some points taken from Figures 8 and 9.
We note that for exact parameters the stability is excellent
but for small changes in « or § the Nyquist diagram
changes its form, leading to instability. (See Figures 10—
13.)

In many systems, changes in throughput or set point will
change o and 3 simultaneously. An efficient design tech-
nique must guarantee stability over the whole range of rea-
sonable changes. It must also be insensitive to the exact na-
ture of the transfer function. None of the present optimal
design algorithms has an inbuilt mechanism to guarantee
this. The same problem exists in classical control, especial-
ly if the open loop system is unstable. For the single input

10 Ind. Eng. Chem., Process Des. Dev., Vol. 15, No. 1, 1976
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Figure 12. Nyquist plot of system using constrained optimal con-
troller, Gp(s) = [e705/(s + 1)]; Gc(s) = [ke¥+D/((s + 1) + k(1
— e~ 050+)]; k = 40.
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Figure 13. Nyquist plot of system with parameter variation using
constrained controller. Gy(s) = [e=%/(s + 1)]; Gc(s) = 40e~05(s +
1)/[(s + 1) + 40(1 — = 050+)]: 3 = 9/§. — 1 = 0.2; 8. = 0.5.

case discussed here, classical control solves the problem by
avoiding complex stabilization.

Any controller must be able to keep the system at the de-
sired steady state (criterion 1) and must be able to function
over a wide frequency range. The easiest test for this is to
look at the closed loop frequency response. Criterion 1 is
fulfilled if the amplitude approaches zero as w — zero and
reaches a low value for reasonable large values of w. The
faster it reaches zero the better is the low-frequency re-
sponse. However, as shown in section 2, this will always
cause amplification in the resonant range, therefore requir-
ing a compromise. The frequency response of the controller
in 4.11 for K = 40 is given in Figures 14-17 and compared
with the PID controller. The optimal controller shows no
amplification for input disturbances (Figure 14), but has
unsatisfactory low-frequency behavior, due to the lack of
integral action. We will discuss this later. However, the sat-
isfactory response in the resonant region is rather illusory.
In Figure 15 we give the same plot for unfiltered (or out-
put) disturbances. We note that the optimal controller for
exact parameters is only slightly better, shifting the maxi-
mum to higher frequencies. However, for a slight perturba-
tion in 8, hardly noticed by the PID controller, the system
shows high amplification for some higher resonance
frequencies, which is expected as 8 = 0.2 for K = 40 is close
to instability.

In Figure 16 we give the control effort. We note that in
the low-frequency range the PID controller has a larger
control effort. This is desirable as any controller should be
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Figure 14. Magnitude of transfer function from input disturbance
to output response for closed loop system.
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Figure 15. Magnitude of transfer function from output distur-
bance to output response: A, optimal control, exact parameters; B,
optimal control, disturbed parameters (8 = 0.2), gain = 40; C, PID
control, exact parameters; D, PID control, disturbed parameters (8
= (.2).
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Figure 16. Magnitude of transfer function from output distur-
bance to controller output; A, optimal control, exact parameters;
B, optimal control, disturbed parameters (3 = 0.2); gain = 40; C,
PID control, exact parameters; D, PID control, disturbed parame-
ters (8 = 0.2).

able to compensate for disturbances and values of U(jw)/
W;(jw) less than 4 are perfectly acceptable. Even the un-
constrained optimal controller (4.12) has a too low control
effort (less than unity, which is the minimum needed for
perfect compensation). At higher frequencies the optimum
controller has higher control effort. For practical PID con-
trollers this region is unimportant due to their filtering ac-
tion.

To get good stability and frequency response for per-
turbed parameters we need a K around six. In Figure 17 we
give the frequency response for an optimal controller (K =
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Figure 17. Magnitude of frequency response from output distur-

bance to process output for systems using optimal controller (gain
= 6.2); A, optimal control, exact parameters; B, optimal control,

disturbed parameters (8 = 0.2); gain = 40; C, PID control, exact
parameters.
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Figure 18. Response of closed loop system to step change in set
point.

6.2), which shows good response in the higher frequencies
for 8 = 0.2, K = 8.2 corresponds to a strong constraint giv-
ing hardly any control. In Figure 18 we give the response of
this controller to a step change in set point and we note
that the speed of the response is about the same as for our
PID controller.

Good frequency response is not the sole criterion for a
good controller and it is perfectly legitimate to put other
criteria, such as fast step response or good response for
some typical process disturbances, into our design criteria,
but such a controller must, in addition, also have satisfac-
tory stability and frequency response. By using a K low
enough to guarantee this, we wound up with a controller
which in the criterion chosen is hardly better than a stan-
dard controller, while being worse in any other criterion. It

“optimal” in only one sense, having a low control effort
for a single perturbation, which is of no interest whatsoever
to the design of process control systems. This criterion is
only chosen because it is mathematically convenient. Many
of the so-called optimization procedures in engineering suf-
fer from this fallacy, as they often optimize mathematically
convenient criteria with little relevance to the problem.
Using relevant constraints can often give good results, but
we have to understand the underlying reasons.

We want to stress that this is not a fair judgment of opti-
mal control in general, which has many useful applications.
We just brought this example as it helps to understand the
limitations of optimal control.

There are other methods in optimal controller design
which result in much better overall performance than the
example given. But none of them in its present state is a
straightforward design algorithm like those available in
chemical control. Rather, these are useful tools in heuristic
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controller design. Their most important application is to
establish bounds as to what controllers can achieve. No
feedback controller will have a faster response than an un-
constrained optimal controller. Thus, we get a useful bound
for fast response. Regretfully, optimal control does not give
a similar bound for the frequency response, but a modified
method is useful. We can compute an optimum response
for a Gaussian input with a spectral density

2v

@ =
(w) v? + w?

and compute the ratio of the variance of y to the variance
of the uncontrolled system, optimizing the controller for
this input (see Lueck and McGuire, 1968; Bankhoff, 1970;
and Cegla, 1969). We can then plot the optimum ratio for
each and compare it to that for suggested controller. This
gives useful limits as to what can be achieved.

To directly get a useful controller we have to incorporate
our different criteria as constraints into the algorithm.
There are various ways in which this can be done. Criterion
1, or satisfactory low-frequency behavior, can be achieved
in several ways. .

O’Connor and Denn (1969) suggested the use of a con-
straint based on the derivative of the control effort (see eq
4.14). This adds integral control but otherwise gives con-
trollers similar to the deterministic controller. For a sec-
ond-order system the unconstrained optimal controller is a
proportional derivative controller. Using a constraint on
()2 one gets a PID controller. O’Connor shows that if in-
stead of eq 2.1 a first-order Pade approximation (which is a
second order system) is used, one gets a PID controller
with settings very close to the Ziegler—Nichols setting. The
latter therefore can also be considered an optimal control-
ler. The procedure is ingenious but hard to generalize as in
this case it strongly depended on the model chosen. It
might be of wider applicability but this has not yet been
demonstrated.

For our model a similar result can be achieved by adding
an observer to the system (see Thau and Kestenbaum,
1973). This is a trial and error procedure, which can give
good results, but the structural sensitivity and stability of
the system has to be checked empirically. One example of
such a controller is given in Figure 19 and it can be seen
that the controller while having good overall frequency re-
sponse for exact parameters, is sensitive to changes in 3.
Aoki shows how the system parameters can be treated as
stochastic variables and included in the optimization. Un-
less a proper model is chosen, this does not protect against
sensitivity to the structure of the model assumed. It is,
however, a promising approach (see also Massaghic, 1973;
Kreiselman, 1972.)

In section 4 we also mentioned stochastic techniques. A
detailed evaluation is outside the scope of this paper but
we checked and found them to suffer from basically the
same deficiencies. Good performance for a specific distur-
bance does not guarantee either good overall stability nor
fulfillment of the six criteria mentioned in section 2. There
is, however, another use of these methods. The characteris-
tics of the inputs provide a constraint for excessive control
actions and by proper formulation of the nature of the
input one can obtain good overall performance. One also
can obtain integral control action by specifying a nonsta-
tionary random input. Box and Jenkins (1970) have suc-
cessfully developed this approach for sampled data control-
lers and the method could be extended to continuous con-
trollers. Lueck and McGuire (1968) suggested using a
Gaussian noise with a correlation time close to the time
constant of the system. This has poor low-frequency re-
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Figure 19. Magnitude of frequency response from output distur-
bance to process output for system using observer controller.

sponse. Cegla showed that one can improve this by using an
input with the spectral density

&= 21 2v9
2+ w?

0<k<1
vo? + w? ( )

where vy is the same as used by Lueck and v is 10 times
larger. No data exist on sensitivity or margin of stability. A
preliminary check showed it to depend on k and the values
of v chosen. Further work is needed to develop reliable de-
sign algorithm based on this rather promising approach.

We knew from the beginning that in the example given
here, the potential gains compared to simple controllers are
limited. We have chosen our simple example to examine
the methods, and the fact that optimal control methods fail
in a trivial example teaches us much more than a complex
example would.

The existence of a satisfactory controller illuminates the
shortcomings of other methods and we have to conclude
that the main problem in applying optimal control meth-
ods to this case is the lack of methods which take into ac-
count the inaccuracies inherent in modelling and identifi-
cation procedures and guarantee good overall performance
and stability over changing process conditions.

We can ask ourselves, why does the optimization proce-
dure fail here when it has contributed so much to aerospace
applications? An airplane or missile designer hopefully
knows the properties of his servomechanisms. Many of his
controls for which optimization methods are normally used
deal with short time actions closely followed. A process
plant must work for years and the process control problem
is to keep it at a steady state.

Maybe adaptive methods (Bellman, 1961) will be in the
future able to overcome this difficulty but again much
more work needs to be done before they can be straightfor-
wardly applied by the process engineer. The beauty of the
classical method is that one can get satisfactory controllers
for a wide variety of systems with a very limited knowledge
of the transfer function (see Horowitz and Sidi, 1972). For
more complex systems those methods do not work well. We
cannot use them, for example, to stabilize an unstable reac-
tor or dampen a limit cycle. There are many situations in
which we need a better design method.

But modern control methods have not reached the stage
where they offer a practical alternative; the main problem
is that by their nature these algorithms do not lead to con-
servative design methods. What we would need to use them
is experience in the formulation of an algorithm which lead
to stable conservative designs. Such methods would formu-
late either the inputs or the constraints. Based on our expe-
rience it is not necessary that the constraints (or input) for-
mulate a really important goal. Rather they should heuris-
tically assume overall good performance.

The discussion in this paper has centered till now on a
very simple problem: continuous controllers for over-



damped simple in-put-single out-put systems. The present
challenges of process control are in other areas, multi-vari-
able systems, direct computer controls etc. But the princi-
ples illustrated here apply to those cases as well. Let’s
briefly consider multi-variable control, (see Rosenbrock,
1971) which will be discussed in detail in a future paper.

One of the methods advanced is non-interacting controls
(Gould, 1969). It is an inversion of the transfer function
and depends again strongly on our knowledge of this trans-
fer function. While it is not theoretically clear that a nonin-
teracting control scheme is optimum in any sense, it suffers
from sensitivity problems similar to those of the optimal
control scheme discussed here.

Another similar problem in multi-variable control is that
the formulation which is mathematically most convenient
for optimal controller design, namely fast return to steady
state, does not always lead to sensible compromises. Week-
man (1974) discusses an interesting case (Kurihara, 1967)
in which an optimum design led to a controller which is not
usable in a plant. On the other hand it gave useful informa-
tion for improving controller design. The problem here is
that exclusive emphasis on fast return neglects the fact
that the inputs are not at steady state and the operator
must be able to fix the steady-state conditions. Measured
variables which are useful for fast control are not necessari-
ly those for which we want to maintain a given value.

Here modern control methods have some very important
applications. They often give insight into what variables
should be chosen for measurement and manipulation and
how to connect them. Thus they provide a useful tool in
heuristic design methods. Much more work is needed be-
fore they can be transplanted into reliable design algo-
rithms that can be used in a straightforward way.

6. Discussion and Conclusion

It should be pointed out that the foregoing discussion
dealt mainly with continuous controllers. Sampled data
controllers with infrequent sampling involve other prob-
lems which will be discussed in a future paper.

We presented a comparison between a PID controller
and different optimum control schemes. We purposely
chose an extremely simple case in which the PID controller
gives rather satisfactory performance. As mentioned earlier
none of the optimum controllers has an overall perfor-
mance better than that of the classical controller and most
are definitely inferior. The main fault of all the optimum
schemes that were examined above was their sensitivity to
‘the exact transfer function of the designed system. We
would expect that a proper optimum design algorithm
should use the available information to the largest extent
possible, and it is quite difficult to build into the algorithm
the fact that it should not really “believe” our process
model.

Although it is possible to include parameter uncertain-
ties in the formulation of the optimum control problem, it
is the structural sensitivity which is more difficult to in-
clude and which is so important. In most cases we design
controllers for processes which are not only very imperfect-
ly known but are also so complex that any manageable pro-
cess model is only a very crude description of the process.

Optimum control methods have one important applica-
tion. They give an exact limit as to what can be achieved
for any given criterion. Any practical controller will be a
compromise between the different criteria, and here a
knowledge of what could be achieved is an excellent guide-
line as to how good a compromise the real controller is.

For the example given above it is quite evident that a
classical PID controller is a good compromise. In more
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complex cases there will be much more room for improve-
ment, but at present the best we can do is to use systematic
trial and error methods.

In complex control problems some of the algorithms pro-
posed also offer important insight as to the choice of mea-
sured and manipulated variables and how to connect them.
But in the present state these are not design methods but
rather helpful tools in heuristic design and here modern
control methods have much to offer.

There is a considerable challenge in trying to integrate
the lessons of modern control theory into efficient usable
design procedures for the practicing engineer. To achieve
this the academic researcher should first realize that design
of process controllers is not really an optimization problem
but rather a minimax problem or a compromise between a
considerable number of conflicting requirements. Fulfill-
ing all these requirements puts some strong constraints on
using design. At present it is not clear that this leaves much
place for optimizing one of them. There is a need for better
design procedures for complex control cases and modern
control techniques may provide a lead on how to achieve
them. But such design procedure will need to be tied into
specific modelling or identification techniques and has to
take into account their inherent limitations.
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