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Equation (3.25) requires that the capillary be long enough to assure fully 
developed flow, v,,here end effects are insignificant. However, because of 
entrance effects, the actual pressure profile along the length of the 
capillary exhibits curvature. The effect is shown schematically in Fig. 3.17 
[31] and was corrected by Bagley [32] using the end correction e: 

I (po · pL) 
'tw = 2 (UR + e )" 

Barrel 

r:= p~~ 
I I 
I I 

Pct! I"- ~ 

P, 

Fully developed 
flow re1iion 

-,~ Pe 

O O Z L Pa 

Figure 3.17 Entrance effects in a typical capillary viscometer 

(3.26) 

The correction e at a specific shear rate can be found by plotting pressure , 
drop for various capillary UD ratios as shown in Fig. 3.18 [31 ]. 

The equation for shear stress is then 

r 
'trz = R'tw- (3.27) 

To obtain the shear rate at the wall the Weissenberg-Rabinowitsch [33] 
equation can be used 

. I. 
Yw = 4 'Yaw( 3 + 4ililQ}) d(ln,:) 

(3.28) 

where, Yaw is the apparent or Newtonian shear rate at the wall and is 
written as 

Yaw =.iQ__ 
itR3_ 

(3.29) 
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The shear rate and shear stress at the wall are now known. Therefore, 
using the measured values of the flow rate, Q, and the pressure drop, p

0 
_ 

PL, tbe viscosity is calculated using 

'tw 
ri= -. - . 

'Yw 

$I 
'f: 

Figure 3.18 Bagley plots for two shear rates 

3.2.3 The Cone-and-Plate Rheometer 

(3.30) 

The cone-and-plate rheometer is another rheological measuring device widely accepted 
in the polymer industry. Here, a disk of polymer is squeezed between a plate and a cone 
as shown in Fig. 3.19. When the disk is rotated, the torque and the rotational speed are 
related to the viscosity, and the force required to keep the cone at the plate is related to 
the first normal stress difference. The secondary normal stress difference is related to the 
pressure distribution along the radius of the plate. 

R 

~ 
!Force 

i 
I I Pressure transducers 

Figure 3.19 Schematic diagram of a cone-plate rheometer 
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Examples 

3. 1 Derive the equation that describes the pressure driven velocity field inside a tube of 

constant diameter (Eq. (3.10)). 

ln our solution scheme, we must first choose a coodinate system: 

6-~ \ l ) 

P1 P2 

Nex t we must state our assumption: 

. . . h 0 ct· · iJ o • no vanallons 10 Le irect10n: - = v8 = , 
80 

iJ 
• steady state: dt = 0, 

• no velocity in the radial direction: v, = 0 . 

The continuity equation (Appendix 6) reduces to 

dv, = 0 
ck 

Using the reduced cont inuity equation and the above assump1ions, then 

only the z..componenl of the equatio n of motion (Appendix 6) is needed 

o = - aµ+ µ[L~(,. Bv,)] 
ck r a,- iJr 

lt
. dp t'lp d ... e tmg - = - an mtegratmg gives 

ck L 

r dv, = !!_(!).p) + C, 
ar 2µ L 

Since dv, = 0 at r =O, c; = O. Int egrating again, we get a, 

,.2 (/j ) 
v, =4µ : +Ci 

Since 11, = 0 at r"" R, the above equation becomes 

"· = R2!).p [1-( ~)l] 
· 4µL 1..R 

Problems 

Examples 65 

3.1 A single screw extruder can be modeled using a combination of shear flow (Fig. 3.3) 
and pressure flow between para llel plates (Fig. 3.4). Estimate the volume tric flow 
rate, Q, as a function oF die pressure, fjp, with a Newtonian fluid assumption, using 
the notation in Fig.4.5 of the extrusion chapter. 

3.2 Estimate the consistency index. mo, and the power-law index, n, for the LDPE 
presented jn Fig. 3.2. 

3.3 Derive the equation that predicts the volumet ric throughput during pressure flow 
through a slit (Eq. (3.7)). 

3.4 Derive the the Hagen-Pois euille equation for a power Jaw fluid (Eq. (3.13)). 

3.5 You are to extrude a polystyrene sheet through a d.ie with a land length of 0. L meters. 
What is the maximum speed you can extrude the sheet if the relaxation time of the 
polystyrene is 0.5 seconds for tbe given processing temperature? 
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4 Extrusion 

During extrusion, a polymer melt is pumped through a shaping die and formed into a 
profile. This profile can be a plate, a film, a tube, or have any shape for its cross section. 
Ram-type extruders were first built by J. Bramah in 1797 to extrude seamless !~ad pipes. 
The first ram-type extruders for rubber were built by Henry Bewley and Richard Brooman 
in 1845. In 1846 a patent for cable coating was filed for trans-gutta-percha and cis-hevea 
rubber and the first insulated wire was laid across the Hudson River for the Morse 
Telegraph Company in 1849. The first screw extruder was patented by Mathew Gray in 
1879 for the purpose of wire coating. However, the screw pump can be attributed to 
Archimedes, and the actual invention of the screw extruder in polymer processing by A.G. 
De Wolfe of the United States dates to the early 1860s. The first extrusion of thermoplastic 
polymers was done at the Paul Troester Maschinenfabrik in Hannover, Germany in 1935. 

Although ram and screw extruders are both used to pump highly viscous polymer melts 
through passages to generate specified profiles, they are based on different principles. The 
schematic in Fig. 4.1 shows under what principles ram extruders, screw extruders, and 
other pumping systems work. 

Extruder (Viscosity pump) 

Dy 
p Dt 
"--y--J 

' ~ 
Centr ifugal pump ' 

Vp + 
"--y--J 
,, t 
[[] 

V. 't 

Positive displacement pump 

Figure 4.1 Schematic of pumping principles 

+ P§ 
"--y--J 

Roman aqueduct 
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The ram extruder is a positive displacement pump ba~ed on the pressure gradient t.enn of 
the equation of motion. Here, as the volume is reduced, the fluid is clisplaced from one 
point to the other, resulting in a pressure rise. The gear pump, widely used in the polymer 
processing industry, also works on this princ iple. On the other hand, a screw extruder is a 
viscosity pump that works based on the pressure graclient term and the deformation of the 
fluid, represented as the divergence of the- deviatoric stress tensor in Fig. 4. l. The 
centrifugal pump, based on the fluid inertia, and the Roman aqueduct, based on the potential 
energy of the 'fluid, are also represented in the figure and are typical of low viscosity liquids . 

In today's polymer industry. the most commonly used extruder is the single screw 
extruder, schematically depicted in Fig . 4.2. The single screw extruder can either have a 
smooth inside barrel surface, called a conventional single screw extruder, or a grooved feed 
zone, called a grooved feed extruder. In some cases, an extruder can have a degassing mne, 
required to extract moisture, volatiles, and other gases that form during the extrusion 
process. 

Figure 4.2 Schematic of a single scre,v ex truder (Rcifeohauser) 

Another important class of extruders are the twin screw extruders, schematically depicted in 
Fig. 4.3. Twin screw extruders can have co-rotating or counter-rotating screws, and the 
screws can be intenneshing or non-intermeshing. Twin screw extrude rs are primarily 
employed as mixing and compounding devices, as well as polymerization reactors. Tbe 
mixing aspects of single and twin screw extruders are detailed in Chapter 5. 

lnternneshing 

4.1 The Plasticating Extruder 

Non-interrpeshing 

mB 
fNPt1 
~ 
Counter-rotating 

Figure 4.3 . Schematic of different twin screw extruders 

4.1 The Plasticating Extruder 

69 

The plasticating sing le screw extrude r is the most commo n equipment in the polymer 
industry. It can be part of an injection molding unit and found in numerous other extrus ion 
processes, inc luding b]ow moJdin g, film blowing, and wire coat ing. A schemat ic of a 
plasticating or three-zone , si ngle screw extrude r, with its most important eleme nts. is in 
Fig. 4.4. Table 4 . 1 prese nts typical extrude r dimensions and relationships commo n in 
single screw exuuders. 

Barrel 

Figure 4.4 Schematic of a plasticating single screw extruder 
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Table 4.1 Typical extruder dimensions and relationships (the notati on for Table 4.1 is 

defined in Fig. 4.5.) 

UD 

D 

Length to Diameter ratio 
20 or less for feeding or melt extruders 
25 for blow molding, film blowing and injection molding 
30 or higher for vented extruders or high output extruders 

Standard d.iarneter 

U.S. (inches) 
Europe (mm) 

0.75, 1.0, 1.5, 2, 2.5, 3.5, 4.5, 6, 8, IO, 12, 14, 16, 18, 20, and 24 
20, 25, 30, 35, 40, 50, 60, 90, I 20, 150, 200, 250, 300, 350, 400, 450, 500, and 600 

<1> 

h 

p 

li 

N 

Yb 

Helix angle 
17 .65° for a square pitch screw where L5=D 

New trend: 0.8 < Ls/D < 1.2 

Channel depth in the metering section 
(0.05-0.07)D for D<30 mm 
(0.02-0.05)D for D>30 mm 

Compression ratio: hreect = Ph 

2 to 4 

Clearance between the screw flight and the barrel 

0.1 mm for D<30 mm 
0. 15 mm for .0>30 mm 

Screw speed 
1-2 rev/s (60-120 rpm) for large extruders 
J-5 rev/s (60-300 rpm) for small extruders 

Barrel velocity (relative to screw speed)= 1tDN 

0.5 mis for most polymers 
0.2 mis for unplasticized PVC 
1.0 mis for LDPE 

The plasticating extruder can be divided into three main zones: 

• Th e so lids conveying zone 
• The melting or transition zone 
• The metering or pumping zone 

4.1 The Plasticating Extruder 71 

Th e tasks of a plasticating extruder are to: 

• Transport the solid pellets or powde r from the hopper to the screw channel 
• Compact the pellets and move them down the channel 
• Melt the pellets 
• Mix the polymer into a homogeneous melt 
• Pump the melt through the die 

Figure 4.5 Schematic diagram of a screw section 

The pumping capability and characterist ic of an extruder can be represented with sets of die 
and screw character isctic curves. Figure 4.6 presents such curves for a conventional 
(smooth barrel) single screw extruder. 

80,----------------~ 

T max 

60 
Homogeneity 

I 
•E 40 

100 200 300 400 500 
t.P (bar) 

Figure 4.6 Screw and die characteristic curves for a 45 mm diameter extruder with an LDPE 

T he die characteristic curves are labelled K 1, K2, K3 , and K4 in ascending order of die 
restriction. Here, K1 represents a low resistance die such as for a thick p late, an d K4 
represe nts a restrictive die, such as is used for film. The dif ferent sc rew characteristic 
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curves represent different screw rotational speeds . In a screw characteristic curve the point 
of maximum throughput and no pressure build-up is called the point of open discharge. 
This occurs when there is no die. The point of maximum pressure build-up and no 
throughput is called the point of closed discharge. This occurs when the extruder is 
plugged. 

Shown in Fig. 4.6 are also lines that represent critical aspects encountered during 
extrusion. The curve labeled Tmax represents the conditions at which excessive 
temperatures are reached as a result of viscous heating. The feasibility line ( rii,.;0 ) 

represents the throughput required to have an economically feasible system. The processing 
conditions to the right of the homogeneity line render a thermally and physically 
heterogeneous polymer melt. 

4.1.1 The Solids Conveying Zone 

The task of the solids conveying zone is to move the polymer pellets or powders from the 
hopper to the screw channel. Once the material is in the screw channel, it is compacted and 
transported down the channel. The process to compact the pellets and to move them can 
only be accomplished if the friction at the barrel surface exceeds the friction at the screw 
surface. This can be visualized if one assumes the matertial inside the screw channel to be a 
nut sitting on a screw. As we rotate the screw without applying outside friction, the nut 
(polymer pellets) rotates with the screw without moving in the axial direction. As we apply 
outside forces (barrel friction), the rotational speed of the nut is less than the speed of the 
screw, causing it to slide in the axial direction. Virtually, the solid polymer is then 
"unscrewed" from the screw. 

1ANAL YSIS OF SOLIDS CONVEYING ZONE 

ffhe most complete analysis of the solids conveying zone in single screw 
extruders was performed by Darnell and Mo! [1] and continued by Tadmor 
and Klein [2]. 

A useful limiting case is when the friction on the screw surface is 
negligible compared to the friction on the barrel, and when the pressure 
build-up in the screw channel is negligible (open discharge). These 
assumptions lead to a maximum mass throughput of 

m= Pbulk,rDhNtan q,(!E.(DJ-D;)-e~fud) 
_ 4 sm¢ 

(4.1) 

To maintain a high coefficient of friction between the barrel and the polymer, the feed 
section of the barrel must be cooled, usually with cold water cooling lines. The frictional 
forces also result in a pressure rise in the feed section. This pressure compresses the solids 
bed which continues to travel in down the channel as it melts in the transition zone. Figure 
4.7 presents the pressure build-up in a conventional, smooth barrel extruder. In these 
extruders, most of the pressure required for pumping and mixing is generated in the 
metering section. 
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400· 

300· 

!200· 
Q. 

100 

0, 
0 SD 10D 15D 20D 25D 

Figure 4. 7 Conventional extruder pressure distribution 

The simplest mechanism for ensuring high friction between the polymer and the barrel 
surface is grooving its surface in the axial direction [3, 4]. Extruders with a grooved feed 
section are called grooved feed extruders. To avoid excessive pressures that can lead to 
barrel or screw failure, the length of the grooved barrel section must not exceed 3.5D. A 
schematic diagram of the grooved section in a single screw extruder is presented in Fig. 
4.8. The key factors that prope!Jed the development and refinement of the grooved feed 
extruder were the processing problems, excessive melt temperature, and reduced 
productivity posed by high viscosity and low coefficients of friction typica l of high 
molecular weight polyethylenes and polypropylenes. 

heated barrel 

Figure 4.8 Schematic diagram of the grooved feed section of a single screw extruder 

In a grooved feed extruder, the conveying and pressure build-up tasks are assigned to the 
feed sect ion. Figure 4.9 presents the pressure build-up in a single screw extruder with a 
grooved feed section. The high pressures in the feed section lead to the main advantages 
over conventional systems. With grooved feed systems, there is a higher product ivity and 
a higher melt flow stability and pressure invariance. This is demonstrated with the screw 
character istic curves in Fig. 4. 10, which presents screw characteristic curves for a 45 mm 
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diameter grooved feed extruder with comparable mixfog sections and die openings as 
shown in Fig. 4.6. 

a. 

', grooved feed with decompression 

i,· \ 
(,'' I 

'
,,',' \ \ 

~

:: .... 

,' ;·'. ,, ,, 
" (, ~- ~ 

. ~' decompression - j 
0 I I I I 

0 5D 10D 15D 20D 25D 

Figure 4.9 Grooved feed exlIUdcr pressure distribution 
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I l i L:::::~m 
I d of 6 9, N=120 

o{ o-/ o/ o/ N;:;130 
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Figure 4.10 Screw and die characteristic curves for a grooved feed 45 mm diameter extruder with an f,DPE 
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The behavior of the two extruders in Figs. 4.6 and 4.10 are best compared if the throughput 
and the pressure build-up are non-dimeru;ionalized. The dimensionless throughput is 

• 111 m=--pNDi 

and the dimensionless pressure build-up is 

ti~_ tipD 
P- nN"L 

I C 

where L represents the total channel length and for a 25 LID extruder is 

L = 25D 
~ sin(¢) 

(4.2) 

(4.3) 

(4.4) 

where$ is assumed to be 17.65° (square pitch). Figure 4.11 presents the results shown in 
Figs. 4.6 and 4. 10 after having been non-dimensionalized using Eqs. (4.2 and 4.3). The 
figure clearly shows the higher productivity of the grooved feed extruder where the 
throughput is at least 50% more than that observed with the conventional system for a 
comparable application. Used with care, Fig. 4. l J can also be used for scale-up. 

40,0-,------ - -- -- ----, 
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m 
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o-i----- ,- - -. ,-- - -,---~- ---l 
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t.pD 
mN°L 

20 25 

Fig. 4.11 Dimesionless screw charactri stic curve,s for conventional and grooved focd e,ctruders 
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4.1.2 The Melting Zone 

The melting or transition zone is the portion of the extruder where the material melts. The 
length of this zone is a function of the material properties, screw geometry and processing 
conditions. During melting, the size of the solid bed shrinks as a melt pool forms at its side, 
as depicted in Fig. 4.12a which shows the polymer unwrapped from the screw channel. 

Solid bed 

Unwrapped channel 

Melt pool/ 2 ""' 

(a) 

Barrel 

Trailing flight 
Vbx 

(b) 

Figure 4.12 (a) Solids bed in an unwrapped screw channel and (b) screw channel cross section 

Figure 4.12b presents a cross section of the screw channel in the melting zone. The solid 
bed is pushed against the leading flight of the screw as freshly molten polymer is wiped 
from the melt film into the melt pool by the relative motion between the solids bed and the 
barrel surface . 
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screw extruder is the well known Tadmor Model (5]. Using the Tadmor Model, one can 
accurately predict the solid bed profile in the single screw extruder. Figure 4.13 presents 
the experimental and predicted solids bed profile of an LDPE in a single screw extruder. 
The mate rial properties and processing conditions used in the calculat ions are given in 
Table 4.2. 

~ 1.0 
0.9 

.c-
0.8 

~ 0.7 -o ~ •• 4 • • • • 

"O 0.6 &ee ••• •• • • 
<l) 

0 X.&t,tto o oo 
.0 0.5 66;,,,_.,,,. o 4 

3:1 0.4 ·o 
U) 0.3 

"O 
0.2 

4 • X/W at barrel surf are 
§ 

0.1 "
0 X/W at screw root 

Model 
"O 
<l) 

a: 0.05 7 9 11 13 15 17 19 21 23 25--27 
Turns 

Figure 4.13 Predicted (Tadmor Model) and experimental solids bed profile 

Table 4.2 Extruder parameters, processing conditions, and material proprerties for the 
solids bed profile results in Fig. 4. 13 

Extruder Geometry: 

Square pitch screw, D=63.5mm, L/D=26.5, W=54.16mm 
Feed zone - 12.5 turns h1=9.4mm 
Transition zone - 9.5 turns h1=9.4mrn h2=3.23mm 
Metering zone - 4.5 turns h2=3.23mrn 

Processing Conditions: 

To=24°C Tb=149 °c N=60 rpm lip=204 bar m=61.8 kg/hr 

Material properties (LDPE): 

Viscosity: n=0.345 
Tm=l JOOC 

a=0.01 °c -1 mo=5.6x!0 4 Pa-s" 

Thermal: km=0.1817 W/m°C Cm=2.596 kJ/kg°C C5=2.763 kJ/kg°C 

Pbutk=595 kg/m 3 Ps=915.l kg/m 3 Pm=852.7 + 5.018xJ0 •7p- 0.4756T 
1..=129.8 kJ/kg 
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TADMOR'S MELTING MODEL 

The Tadmor Model presented in this section was derived using the notation 
shown in Figs. 4.12a and 4. 12b. The non-Newtonian temperature 
dependent viscosity of the polymer is described by 

.,., = llloe·•CT-T.)lrr· (4.5) 

The solids bed wid th X in a constant channel depth section is calc.ulated 
using 

!=~[1 'f/(z-io)]
2 

2h 
(4.6) 

and in a tapered section with a taper A = h, - Fi,_ is given as a function of 
z, -z~ 

the channel depth 

! = ~[:-(~- 1)fiI (4.7) 

The dimensionless volumetric flow rate If/ is given by 

<l> 
vr= rx 

v_.,Pbull-. \/ "O 

(4.8) 

where v,, is the velocity of the solid bed in the down-channel direction 

,n v,,=--- and (4.9) 
Pbull-.Wh 

<f>={ vb_,P.A[k,,,(T6 -T,,,)+U,/2] }½ 
2[ c,(T,,, -T 0) + c,,,e(Tb -r.,) + l] 

U2 =Jl-b'-e -b'] 
L b'(e - b' - I) 

b' = -a(Tb -T,.) 
n 

U, =2m.
0
v;+'8'_• (e-b' +b' -l)(_b_' - )• •

1 

b'2 1-e -b· 

(4.10) 

(4.11) 

(4.12) 

(4. 13) 

The speed v
1 

is the relative velocity between the barrel and the solid bed 
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1•1 = ✓vl, +(vb, - 11.q )i (4.14) 

·me dimensionless tempetatureand the film thickness are defined by 

a..-b/i-1-e-"'(1+ }',;,)-_½, 
= h'+e- 6·-1 (4.H~ 

and 

o={ [2k.1(Tb-T,,.)+U1]X }½ 
v1.,U~,.[ C,(Tm -T, 0 ) + C.,S(Tb - T.,)+ A-] (4. 16) 

From experiment to experiment there are always large variations in the experimental solids 
bed profiles. The variations in this section of the extruder are caused by slight variations in 
processing conditions and by the uncontrolled solids bed break-up towards the end of 
melting. This effect can be eliminated by introducing a screw with a barrier flight that 
separates Uie solids bed from the melt pool. The Maillefer screw and barrier screw in Fig. 
4. 14 are commonly used for high quality and reproducibility. The Maillefer screw 
maintains a constant solids bed width, using most effectively the melting with melt-removal 
mechanism. while the barrier sc rew uses a constant channel depth with a gradually 
decreasi ng solids bed width. 

➔ 

Maillefer screw 

\ 
Unwrapped channels 

I 
~~LJ~L Barrier screw 

Figare 4. 14 Schematic diagram of screws with different barrier flights 
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4.1.3 The Metering Zone 

The metering zone is the most important section in melt extruders and conventional single 
screw extruders that rely on it to generate pressures sufficient for pumping. The pumping 
capabilites in the metering section of a single screw extruder can be estimated by solving the 
equation of motion with appropriate constitutive laws. For a Newtonian fluid in an extruder 
with a constant channel depth, the screw and die characteristic curves for different cases are 
represented in Fig. 4.15. The figure shows the influence of the channel depth on the screw 
characterisctic curves. A restrictive extrusion die would clearly work best with a shallow 
channel screw, and a less restrictive die would render the highest productivity with a deep 

channel screw. 

m 

• Operating points 

Less restrictive die 
(Thick sheet) 
· Deep channel screw 

Deep channel screw 
(Higher heater temperatures) 

Shallow channel screw 

t.p 

Figure 4. 15 Screw characteristic curves (Newtonian) 

ANALYTICAL SCREW CHARACTERISTICS CURVES 
(NEWTONIAN) 

For a Newtonian material, the analytical solution is given by Tadmor [2]. 
It is 

Q = vb W(h-o) F + Wh
3 

(- ap)F (1 + +) 
2 d I 2770 dz p J L 

(4.17) 

,where the down channel velocity is, 

V1,z = nNDcos(q,) (4.18) 

L 
tan(q,)=-' 

,r: D 
(4. 19) 

4.1 The Plasticating Extruder 81 

tnelealaige flow factor is 

(
I+~ I+e/W 6170Vb.(h-o) 

, -(i)3 ~ W tan
2
q, h

3
(r)plik) 

JL- + 3 

h W 1+(1fl ; 
(4.20) 

The drag and pressure shape factors Fd and Fp are necessary to account for 
the no-slip boundary condition on the channel walls, and can be 
approximated using functions valid for (h/W)<0.6 given by [6] 

and 

h 
Fd"" 1-0.511-w 

h 
Fp"'l-0.625-

W 

(4.21) 

(4.22) 

In both the grooved barrel and the conventional extruder, the diameter of the screw 
determines the metering or pumping capacity of the extruder. Figure 4. 16 presents typical 
normalized mass throughput as a function of screw diameter for both systems. 

2
Q • Grooved Feed 

_I 
° Conventional 

-c-
.c -C .E . 
C> 
~ 

.Etc 

0. 

0. 

0. 

Q.f I 1 11 
50 100 200 

D(mm) 
10 

Figure 4. 16 Throughput for conventional and grooved feed extruders 
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4.2 Extrusion Dies 

The exrrnsion die shapes the p_olymer melt into its final profile. The extrusion die is .located 
at the end of the extruder and it is used to ext.rude: 

• Flat films and sheets 
• Pipes and tubular films for bags 
• Fi1aments and strands 
• Hollow profiles for window frames 
• Open profiles 

As shown in Fig. 4.17, depending on the functional needs of the product, several rules of 
thumb can be followed when designing an extruded plastic profile . These are: 

• Avoid thick sections. Truck sections add to the material cost and increase sink 
marks caused by shrinkage. 

• Minimize the number of hollow sections. Hollow sections add to die cost and 
make the die more difficult to clean. 

• Generate profiles with constant wall thickness. Constant wall thickness in a 
profile makes it easier to control the thickness of the final profile and results in a 
more even crystallinity distribution in semi-crystalline profiles. 

Bad design Improved designs 

□□~ 
r-rF 

Cost Increase 

Figure 4. I 7 Extrusion profile designs 

4.2.1 Sheeting Dies 

One of the most wide ly used extrusio n dies is the coat-hanger sheeting die. A sheeting die, 
such as depicted in Fig. 4.18 is formed by the following elements: 

• Manifold: even ly distributes the melt to the approach or land region 
• Approach or land: carries the melt from the manifold to the die lips 
• Die lips: perform the final shaping of the melt 

4.2 Extrusion Dies 83 

• Flex lips: for fine tuning when generating a uniform profile 

:rl 
""""' c. ,Ii, . ... . . /'l 

~ 3= 

Heaters 

Flerriovable tower lip 

Manifold 

Figure 4. 18 Cross section of a coat -hanger die 

To genera te a uniform extrudate geometry at the die lips, the geometry of the manifold must 
be specified appropriately. Figure 4.19 presents the schematic of a coa t-hanger die with a 
pressure clistribu.tion that cor responds to a die that rende rs a uniform extrudate. It is 
impo rtant to mention that the flow though the manifold and the approach zone depend on 
the non-Newtonian properties of the polymer extruded. So the design of the die depends 
on the shear thinning behavior of polymer. Hence, a die designed for one material does not 
necessari 1 y work for another. 

80 

-c- 60 
"' B. 
e? 40 
::, 
g; 
l" 20 
0.. 

Figure. 4.19 Pressure disuibution in ii coat -hanger die 
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ANAL YTlCAL COAT-HANGER DIE 

For the isothermal .flow of a power-law fluid, using the notation in Fig. 
4.20, we can perform a mass balance and solve the equatio n of motion for 
the manifold (flow in a tube) and the approach (flow between parallel plates) 
region. For uniform_ flo!Y in ~e di~ lips, the design equation for a coat­
hanger sheeting die is given-by [SJ 

l l
!it+r 

R(x)= [(3 +s)l1t]"h
2
"+

1
(W x)" 

2"(s+2)"(~~) 

(4.23) 

where s = l / 11. For a manifold with a straight axis the manifold curvature 
can be computed using 

dL =-sina 
dl 

w 
Figure 4.;20 Schematic of a coat-banger die 

(4.24) 

4.2.2 Tubular Dies 

lo a tubular die, the polymer melt exits through an annulus. These dies are used to extrude 
plastic pipes and tubular film. The film blowing operation is discussed in more detail in 
Chapter 7. 

The simplest tubing die is the spider die, depicted in Fig. 4 .21. Here, a symmetric 
mandrel is attached to the body of the die by several legs . The polymer must flow around 
the spider legs causing weld lines along the pipe or film. These weld lines, visible streaks 
along the extruded tube, are weaker regions. 

To overcome weld line problems, the cross-head tubing die is often used. Here, the die 
design is similar to that of the coat-hanger die, but wrapped around a cylinder. This die is 
depicted in Fig. 4.22. Since the polymer melt must flow around the mandre l, the extruded 
tube exhibits one weld line. In addition, although the eccentricity of a mandrel can be 

4.2 Extrusion Dies 85 

controlled using adjustment screws, there is no flexibjjjty to perform fine tuning such as in 
the coat-hanger die. This can result in tubes with uneven thickness distributions. 

The spiral die, commonly used to extrude tubular blown films, eliminates weld line 
effects and prod uces a thermally and geometrically homogeneous extruda te. The pol,ymer 
melt in a spiral die flows through several feed ports into independen t spiral channe ls 
wr::1ppP.rf ;:irnnn rl thP. r.:irr.nmfP~rP.nr.P.. n f thP. m~nrfrP.1. Thi e:. cypP nf nlP ic. ,i,,;:rh Pm!.llti,..,.~11y 

depicted in Fig. 4.23. 

~ · 4-" 

~: --..--.. 

Figure 4.21 Schematic of a spider leg tubing die 

Figure 4.22 Schematic of a oross-head tubing die used in film blowing 

Spiral mandrel manifold 

Figure 4.23 Schematic of a spiral die 
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Examples 

4.1 Reproduce the predicted solids bed profile for the solids conveying section in the 
system found in Fig. 4.13. Use the data presented in Table 4.2. 

From the conditions given in Table 4.2, we can first compute the barrel 
velocity with respect to the screw using 

vb= mJn = .ir(O.O635)(1) = 0.1995 ml s 

The down and cross channel velocities are 

vb, = vb cos¢ = (O.1995)cos(17.65) = 0.1901 ml s 

vb, = vb sin ip = (0.1995)sin(17.65) = 0.0605 ml s 

The velocity of the solids bed is computed using Eq. ( 4.9) 

v = (6 1.813600) = 0.0567 ml s 
" (595)(0.05416)(0.0094) 

The relative speed between the solids bed and the barrel is calculated using 
Eq. (4.14) 

vj = .J(0.0605)2 + (0.1901- 0.0567)2 = 0.1465 ml s 

and using Eqs. (4.12), (4.11), and (4. 15), we can compute 

b' = -0.01(149-110) -l.! 304 
0.345 

U = 2[ l+Ll304-e 11304 ]= 0.8155 
2 

- 1.1304( e1.1304 - I) 

0 
= -1.1304/2 + et.1304(1 + 1/(- 1.1304))-1/( - l.13O4) = 0_7002 

-1.1304 + e1.1304 - I 

If we neglect the pressure effects, we can compute the melt density using an 

average temperature of 129.5 °c as 

p., = 852.7 - 0.4756(129.5) = 79 1.1 kg I m 3 

Using Eqs. (4.13), (4.16), (4.10), and (4.8), we can compute 

U = 2(5.6xt0•)(0 . 1465)' 345806ss(e1.1304 _1.1304 - l)( - l.130 )1.1304 
I (- J.13O4)2 1-el.1304 

Examples 87 

UI = 2786.88° 655 

8
_{ [2(O.1817)(149-IIO) + U1]X }"

2 

- (O.O6O5)(O.8155)(791.1)[2763(1 I 0 - 24) + 2596(0 .7002)(149- 110) + 129800] 

8 = 2.418x10~[(14.7 + ui)xf 2 

<I>= { (O.O6O5)(791.J)(O.8155)( (O.1817)(149- 11 O) + u112] }"
2 

2[(2763)(110 - 24) + (2596)(O.7OO2)(149- I IO)+ 129800] 

<I>= 4.72x10 -3 [14. l 7 + u,]"2 

_ 4.72x10-3[14.17+U,]
112 

If/ - (0.0567)(595)✓0.05416 

'fl= 6.OlxlO~[14 .17 + U,]1'
2 

Assuming melting begins at the 7th turn, 

(7 _ 1)(0.0635) = 1.26 m 
Zo = sin(l 7 .65) 

at which point X0 = W, Eq. (4.6) can be written as 

.!_ = [1- 53. I 91f/(Z -1. 26)]2 
w 

U,, 8, 1f1 and X must be solved simultaneously from the end of the 6th turn 
to the middle of the 12th tum. The results are tabulated below. 

Turns z 8 (m) ul (N Is) If/ X (m) XIW 

7.0 1.466 0.0002967 13.63 0.003169 0.054 16 1.0000 
7.5 1.571 0.0002905 13.44 0.003158 0.05227 0.9651 
8.0 1.675 0.0002844 13.26 0.003147 0.05043 0.9311 
8.5 1.780 0.0002783 13.07 0.003137 0.04863 0.8979 
9.0 1.885 0.0002723 12.88 0.003126 0.04688 0.8656 
9.5 1.990 0.0002664 12.70 0.003115 0.04517 0.8340 
10.0 2.094 0.0002605 12.52 0.003105 0.04350 0.8032 
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Tums z 8 (m) U1 (NI s) f{f X (in) X/W 

10.5 2.199 0.0002548 12.33 0.003094 0.04188 0.7733 

I 1.0 2.304 0.0002490 12.15 0.003083 0.04030 0.7441 

11.5 2.408 0.0002434 11.97 0 .003073 0.03876 0.7156 
,,, " l.t...V 

-, C'l 'l 
~.JIJ 

I\ (\f\f\'1'l'70 1 I '70 
V,VVVS..J f U L 1 , I./ 0.003062 0.03726 0.6880 

12.5 2.6 18 0.0002323 l 1.61 0.003052 0.03580 0 .6610 

4.2 Draw the screw characteristic curve for a 45 mm diameter melt extruder for a rotational 
speed of 60 rpm. The extruder has a square pitch, an LID of 20, a constant channel 
depth of 2.5 mm, a channel width of37.88 mm, and a clearance of 0.15 mm. Assume a 
Newtonian viscosity of 100 Pa-s. 

From the above conditions we can first compute the down channe l veloc ity 

using 

vb, =n:DNcos</)=1t(0.045)(l)cos(l7.65)=0.1347 mis 

and the channel length using 

Le= (LID)D 
sin</) 

20(0.045) = 2.968 m 
sin(17.65) 

Using Eqs. (4.21-22) we can compute the drag and pressure shape factors 

as 

F ~ I - 0.571( 0.00
25 

) = 0.9623 
d 0.03788 

F "' I - 0.625( 0.00
25 

) = 0.9587 
P 0.03788 

and Eq. (4.20) is used to compute the leakage flow factor as 

[

1 0.005 l 
(
1 + 0.005 ) + Q.03788 6(100)(0.1347)(0.0025 - 0.00015) 

0 .03788 tan 2 17 .65 (0.0025)3 (Ap /2.968) 

(
0 .00015)

3 
0.005 

IL= 0.0025 0.03788 + l +( 0.0025 )
3 

0.005 -

0.00015 0.03788 

Ii= 0.0066- 6.67x l0' 
Ap 

With Eq. (4. 17) we cao now calculate the flow rate 

Examples 89 

Q = [(0 .1347)(0.03788)(0.0025-0.00015) (0.9623) (0.03788)(0.0025)' (0_
9587

)~ (l + f, )] 
2 } 2(100)(2. 968) p L 

which is converted to kg/h using p= I 000kg/m 3 

m = Qp = QCi 000)(3600) 

111 = 20.736-5.724x!0 -7 t.p(I .0066 
6

·
6
:: I0

4
) 

The screw characteristic curve without the effect of leakage flow reduces to 

,;, =20.736 - 5 .724xl0 ·7 t.p 

Both curves are plotted in the figure below. 

I 
·E 

30.0.----- -----------------, 

20.0 

Without leakage flow 

10.0 

With leakage flowr--- - ~ 

0.0'---- -~'-------'--- ---'--.....::: ...... --J 

0 100 200 
Ap (bar) 

300 400 

4.3 Pormulate a design equation for the end-fed sheeting die shown below such that the 
extruded sheet is of uniform thickness. Your job is to specify the length of the 
approach zone or die land as a function of the manifold direction to achieve uniform 
flow. The manifold diameter is constant and the flow can be assumed isotbe1TI1al with a 
Newton ian viscosj ty of T/. 
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QT 

After assigning a coordinate system, and assuming the notation presented in 
the figure below, the flow of the manifold can be represented using the 

Hagen -Poiseui lie equation as 

Q = nR• (- dp) 
81) dz 

and the flow in the die land (per unit width) using slit flow 

h
3 

( dp) h
3 

( p) 
q = 121) -dl = 121) LI 

Manifold 
Die land 

·Lo 

~LL---

Examples 91 

A manifold that leads to a uniform sheet must deliver a constant throughput 
along the die land. Perfonning flow balance within the differental element 
shown below results in 

Q(z + Liz) - Q(z)-q(z)Liz = 0 

and letting D.2.-->0 results in 

dQ = -q = constant 
dz 

Q(z) 

If we then integrate and let Q = QT at z = 0 and Q = 0 at z = L0 we get 

Q(z)=QT(1- L) 
Hence, 

dQ 

dz 
_ QT = _!!!_ p(z) 

Lo 1211 L,(z) 

which results in 

h3 L 
L,(z) = _ _Q p(z) 

]21) QT 

where p(z) is unknown. We can now rewrite the manifold equation as 

dp = - ~Q (1-~) 
dz nR• T Lo 

and then, letting p = p0 at z = 0, we get 
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p= Po- 8~;.LD[(:J-½(LJ] 
which leads to a land length of 

L,-h
3

L0 p0 _2Jh~[( z )-l(~r] 
l 21JQr 3,rR L0 2 L0 

Problems 

4.1 How would the profile presented in Example l be affected by using a more restrictive 
die which reduces the mass throughput by 20% 'l 

4.2 Reproduce the predicted solids bed profile for the transition and metering sections in 
the system presented in Table 4.2. 

4.3 How would the profile presented in Example l be affected if you increase the barrel 
temperature from 149 to I 60 °c? 

4.4 

4.5 

How many turns are required to melt a solids bed for a system similar to the one in 
Example l , but using a screw with a constant channel depth of 9.4 mm? How does 
your result compare to the melting in the three-zoned plasticating e!ltruder? 

You are to extrude a JOO mm wide HOPE sheet using a single screw extruder with 45 
mm diameter screw equipped with distributive and dispersive mlxing heads. The screw 
characteristic curve is in the figure below.' The die can be approximated with a LOO mm 
wide and 100 mm long slit. Typical power-law constants for HDPE al 180 °c are 
m=20,000 Pa-s 11 and n=0.41. Use a specific gravity for HOPE of 0.95. 

On the graph below, draw the die characteristic curves for dies with 1 mm and l .5 mm 
slits. 

Explain the difference between the analytical and the experimental die characteristic 
curves. 

Ts it feasible to extrude a sheet through a 1.5 mm slit ? If so, what screw speed would 
you choose? What about a l mm thick slit ? 

• ,... _ __._ . __ ~t T r°' Tn ,... J.11 -.1 ~11'£- r,,.. 1 ,.- k.:.n 
\.....UUflc .sy Ul n .... J..r ..... , AVIl,;UCIU ll1 '-,.VIVIIIV\Q, 

I 

I 

I 
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40[ 
120 rpmt1 

~30 
0) 

.'!!:.. 
,E 

20 

mmi1 

101 

100 200 300 400 500 
p 

4.6 Plot the screw characteristic carve for the extruder in E!lample 4.2 once the clearance 
increases to 0.25 mm as a result of wear. 

4.7 Plot the dimensionless screw characteristic curves for the extruder in Example 2 with a 
clearance of 0, 0.15, and 0.25 mm. 

4.8 Plot the dimensionless screw charactecistic curves for the extruder of Example 2 with a 
channel depth of 1.5, 2.5, .and 5 mm. 

4.9 Formulate tl1e design equation for au end-fed sheeting die such as the one in Example 
3. Unlike the examp .le, the new die shou ld have a variable radius manifold as in the 
figure below. lo this case, the axial distance from the manifold center to the die exit 
must be constant. 

-~~ / 

/ 
/ 
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4.10 Formulate the design equation for a coat-hanger die such as shown in Fig.4.20, but 

with a contanl manifold angle a and a Newtonian fluid assumption. Derive an equation 

for R(x) which results in uniform flow. 

4.1 l Plot the manifold radius function, Eq. ( 4.23), for different power law indices, n, a die 
width of 50 cm, a die thickness of I mm and a constant manifold angle of 300. 

4.12 Plot the manifold radius function, Eq. (4.23), for different manifold angles, a die 
width of 50 cm, a die thickness of I mm, and a power-law index of 0.5. 
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S Mixing 

The quality of the finished product in almost all polymer processes depends in part how 
well the material was mixed. Mixing can occur in internal mixers or in processing (e.g., 
in single and twin screw extrude rs). Both the material properties and the form!lbi]ity of 
the compound into shaped parts are highly influence d by the mixing quality. Hence , a 
better understanding of the mixing process helps one optimize processing conditions and 
increase part quality. 

The process of polymer blending or mixing is accomplished by distributing or 
dispe rsing a minor or secondary component withi n a major component serving as a 
matrix. The major component can be thought of as the continuous phase , and the minor 
components as distribut ed or dispersed pha ses in the form of droplets , filaments or 
agglomerate s. 

When creating a polymer blend, one must always keep in mind that the blend will 
probab ly be remelted in subsequent processing or shaping processes. For example, a 
rapidly cooled system, frozen as a homogenous mixture, can separate into phases because 
of coalescence when re-heated. For all practical purposes, such a blend is not processable. 
To avoid this, special macromolecules are commonly used to compatibilize the boundary 
layers between phases [I]. 

The mixing can be distributive or dispersive. The morphology development of 
polymer blends is determined by three competing mechanisms: distributive mixing, 
dispersive mixing, and coa lescence. Figure 5. 1 presents a model , proposed by Maco sko 
and co-workers [1,2), that helps us visualize the mechanisms governing morphology 
development in polymer blends. 

5.1 Distributive Mixing 

Distributive mixing or lamin ar mixing of compatible liquids is usually characte r ized by 
the distribution of the drop let or secondary phase within the matrix. This distribution is 
achieved by imposing large strai ns on the system such that the interfacial area betwe en 
phases increases and the local dimensions, or striation thicknesses, of the seco ndary 
phases decrease. This concept is shown in Fig. 5.2 [3]. Here we have a Couette flow 

device with the secondary component having an initial striat ion thickness of So-As the 
inner cylinder rotates, the secondary component is distributed through the systems with 
constantly decreasing striation thickness. 
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Figu-re 5.1 Mechanism for morphology development in polymer blends 

5.1.1 Effect of Orientation 

Imposing large strains on the system may not homogenize the mixture sufficiently. The 

type of mixing device, initial orientation, and position of the fluid components play a 

significant role in the quality of mixing. For example , the mixing mechanism shown in 

Fig. 5.2 homogen eously distributes the melt within the reg ion conta ined by the 

streamlines cut across by the initial secondary component. Figure 5.3 (4) shows another 

variation of initial orientation and arrangement of the secondary component. Here , the 

secondary phase cuts across all streamlines, which can lead to a homogeneous mixture 

throughout. 

~ 
Initial 

~· 

J 
7 Revolutions 

5.1 Distributive Mixing 

~ 
3 Revolutions 

~ 
\..__·~ J 
~ 
16 Revolutions 

Flnal system 

Figure 5.2 Experimental results of distributive mixing in Coueue now, and schematic of the 

firuil mixed system 

/ 

-~ 
Figure S.3 Distributive mixing in Coueue flow 
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ESTWATING DISTRIBUT IVE MIXING 

Distributive mix.mg can be quantified by the reduction in striation 
thickness. For a sphere deformed into an ellipsoid, the striation thickness 
can be related to the total strain using 

o = 2R(l + y2)-l/4_ (5. l) 

Another common way of quantifying mixing is by following the growth of 
the interface between the primary and secondary fluids. In simple shear, a 
simple relation exists between the interfac ial area, the st rain and the 
orientation of the area of the secondary fluid with respect to the flow 
direction [SJ: 

A 
Ao ="(COS a (5.2) 

where Ao is the initial interfacial area, A is the final interfacial area, y is 

the total strain and a. the angle between the surface normal vector and the 
flow direction. Figure 5.4 [6] demonstrates this. 

(a) 

(b) 

tc///lt// )tti77Ll?d«tLI/OJ//I! 

• //7?.??777//)JT/(.?7?77?770/7))/72 

-////L/ tCl ?tllllJl/«t/t/t«Otl// 

/7777?0?7))%7>7 07?7777777777?7? -
//j'lf/lltO/tl// 11/!///ttll/OII/ 

-?lt////l//l// lt ft'./t/0 ?////111 /// 

/.7/7 ?717 )77777777 077)7))77777777 --
Pigure 5.4 Effect of initial sucface orientati<ln on distributive mixing 

5.2 Dispersive Mixing 

Here, botb cases (a) and (b) build with equal initial areas, Ao, and undergo 
the same amotmt of strain, y = 10. The circular secondary component in 
(a) has a surface Lhat is randomly oriented, between O and 21t, whereas 
most of the surface of the elongated secondary componen t in case (b) is 

oriented at ; so ·that of the interfacial area hardly changes. An ideal case 

would have been a long slender secondary component with a surface 
orien1ed in the. flow direction or vertically between the parallel plates. 
Hence, the maximum interface g(owth inside a simple shear mixer can be 
achieved if the direction of the interface is maintained in an optima l 
orientation (cos a.= 1), In a simple shear flow, thi.s 1\/'ould require a special 
stirring mechanism that would maintain the interface between the primary 
and secondary Ouid components in a vertical position. Using this concept. 
Erwin [7] demonstrated that the upper bound for the ideal mixer is found 
in a mixer that applies a plane strain extensional flow or eure shear flow to 
the fluid. In such a system the growth of the interfacial areas follows the 
relation· given by 

A y/2 
Ao =e (5.3) 

In Erwin's ideal mixer, the amount of mixing increases exponentially 
compared to a linear increase if the orientation of the fluids' interfaces 
remain undisturbed_ 

5.2 Dispersive Mixing 

99 

Dispersive mixing in polymer processing involves breaking a secondary immiscible fluid 
or an agglomerate of sol id particles and dispersing them throughout the matrix. Here , the 
imposed strain is not as important as the imposed stress which causes the system to break 
up. Hence, the type of flow inside a mixer plays a significant role in the break up of sol id 
particle clumps or fluid droplets in dispersion. 

5.2.1 Break Up of Particulate Agglomerates 

The most common example of dispersive mixing of particulate solid agglomerates is the 
dispersion and mixing of carbon black into a rubber compound . The dispersion of such a 
system is schem atically represented in Fig. 5.5. However , the break-up of particulate 
agglomerates is best explained using an ideal system of two small spherical particles that 
must be separated and dispersed during mixing. 
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Figw·e 5.5 Break-up of particulate agglomerates during flow 

If the mixing device generates a simple shear flow, as shown in Fig. 5.6, the maximum 
separation forces on the particles occur when they are oriented in a 45° position as they 
continuously rotate during flow. The magnitude of the force trying to separate the 
"agglomerate" is given by [8] 

F shear = 3 7t 11Y r2 (5.4) 

where 11 is the viscosity of the carrier fluid, y the magnitude of the strain rate tensor, aod 
r the radii of the particles. 

Figure 5.6 Force applied to a two-particle agglomerate in simp le shear 

5.2 Dispersive Mixing 101 

However, if the flow field generated by the mixing device is purely elongational, such 
as shown in Fig. 5.7, the particles always are oriented at O 0 ; the position of maximum 
force. The magnitude of the force for this system is given by 

Felong = 6 7t 11Y r2 (5.5) 

whic h is twice the maximum tangential force producing simple shear. In addition , in an 
elongational flow, the agglomerate is always oriented in the direction of maximum force 
generation, whereas in simple shear flow, the agglomerate tumbles quickly through the 
position of maximum force. 
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Figure 5.7 Force applied to a two-particle agglomerate in an elongational flow 

The above analysis makes it clear that for mixing processes requiring break-u p and 
dispersion of agglomerates, elongation is the preferred mode of deformation. This is 
only valid if the magnitude of the rate of deformation tensor can be kept the same in 
elongatio n as in shear. Hence, when optimizing mixing devices, it is important to know 
which mode of deformation dominates, which can be accomplished by computing aflow 
number [9], defined by 

,._=_..L (5.6) 
y+oo 

where y is the magnitude of the rate of deformation tensor and oo the magnitude of the 
vorticity tensor. A flow number of O implies pure rotational flow, a value of 0.5 
represents simple shear flow, and pure elongational flow is implied when "-equals I. 
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5.2.2 Break-Up of Fluid Droplets 

Droplets in an incompatible matrix tend to be spherical as a result of their natura l 
tendency to maintain the lowest possible surface to volume ratio. However , a flow field 
within the mixer applies a stress on the droplets, causing them to deform. If this stress is 
high enough, it eventually causes the drops to disperse. The droplets disperse when the 
surface tension can no longer maintain their shape in the flow field and the filaments 
break up into smaller droplets. This phenomena of dispersion and distribution continues 
to repeat itself until the stresses of the flow field can no longer overcome the surface 
tension of the new droplets formed. 

As can be seen, the mechanism of fluid agglomerate break-up are similar in nature to 
solid agglomerate break-up in the sense that both rely on forces to d.isperse them. Hence, 
elongation is also the preferred mode of deformation when breaking up fluid droplets and 

threads, making the flow number, A, indispensable when quantifying mixing processes. 
A parameter commonly used to determine whether a droplet disperses is the capillary 

number defined by 

Ca= -rR 
O"s 

(5.7) 

where 't is the flow induced or deviatoric stress, R the characteristic dimension of the 

droplet and O"s the surface tension acting on the drop. The capillary number is the ratio of 
flow stresses to droplet surface stresses. Droplet break-up occurs when a critical capillary 
number, Cacrit, is reached. This break-up is clearly shown in Fig. 5.8 [10], which depicts 
the disintegration of a Newtonian thread in a Newtonian matrix. 

Figure 5.8 

i 
--- -----Rn 

I 

l Ro .,ex - -.---__ -.,,_ -- -, -

P-O-C>-0-C>-0« 
D • 0 0 0 0 0 0 0 0 0 ., 

Disintegration of a Newtonian 0.35 mm diameter castor oil thread in a Newtonian 

silicon oil malrix. Redrawn from photographs taken every second 
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Because of the continuous ly decreasing thread raclius, the critical capilla ry number is 
reached at some spec ific point in time. As a result of the com peting deviatoric stresses 
and surface forces, the cylindrical shape becomes unstable and small disturbances at Lhe 
surface lead to a growth of capillary waves, commonly called Rayleigh disturbances. 
Disturb ances with various wavelengths form on the cylinder surface, but only those wirh 

a wavelength exceeding the circumference (21tRo) of the thread lead to a mono ton ic 
dec rease of the interfacial area. 

Figure 5.9 [l l] shows the critical capillary number as a function of viscos ity ratio, (j), 

and flow type, described by the mixing parameter A. For a viscosity ratio of I the critical 
capillary number is of order I [12). Distrib utive mixing is impl ied when Ca is much 
greater than Cacnt since the interfac ial stress is much smaller than shear stresses . For such 
a case, the capillary waves which cause droplet break-up wouJd not develop. Dispersive 
mixing is implied when Ca approaches its critical value or when interfacial stresses 
nearly equal tbe deviatoric stresses causing droplet break-up. In addition, break-up can 
occur only if enough time elapses. 

103 

102 

'l3 I Simple shear' 
c'.3 101 

Break-up 

100 

No break-Up 
10-1'-- - -'- - -'- - -'--- -'- - --'-- --"'------'-~ 

10-6 10·5 10-4 10·3 10-2 1 o· 1 100 101 102 1 o3 
f-121µ1 

Figure 5.9 Critical capillary number for drop break-up as a funclion of viscosity ratio irt 
a simple shear and a 2-D elongationa l flow 

BREAK-UP TlME OFTNCOMPATIBLE FLUIDS DURING 
DlSPERSION 

The time required for break-up, lb, can be computed using 

5.61 
lb=q 

where q is given by 

(5.8) 
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Osil 
q=--. 

2TJ1Ro 
(5.9) 

and n is a dimensionless growth rate represented in Fig. 5.10. The break­
up time decreases as the critical capillary number is exceeded. The 
reduced break-up time tb can be approximated usirig (11] 

lb = tb (~)-0.63 
CllcriL ' 

(5.10) 

1.0 

0.8 

'1 
i 0.4 

0.2 

0 
10·5 10·3 10-1 101 103 10s 

rt1l112 

Pigure.S. l O Dominant growth rate of interfacial disturbances as a function of viscosity 

ratio 

As mentioned before, surface tension plays a large role in mixing, especially when 
dealing with dispersive mixing, when the capi llary number approaches its critical value. 
Because of the stretching of the interfacial area caused by distributive mixing, the local 
radii of the suspended components decrease as surface tension starts to play a role. Once 
the capillary number goes below its critical value, only slight deformations occur and 
internal circulation maintains an equilibrium elliptical droplet in the flow. The mixing 
process then reduces to the distribution of the dispersed droplets. 

5.3 Mixing Devices 

The final properties of a polymer component are heavily influenced by blending or 
mixing during processing or as a separate step in the manufacturing process. As 

5.3 Mixing Devices 105 

mentioned earlier, when measuring the quality of mixing, one must also eva luate the 
mixing efficiency. Fol' example, the amount of power required to achieve the highest 
mixing quality for a blend may be unachievable. Thi s section presents mixing devices 
commonly encountered in polymer processing. 

In general, mixers can be classified into two categories: internal batch mixers and 
contin uous mixers. Internal batch mixers, such as the Banbu ry mixer, are the oldest 
mixing devices in polymer processing but are slowly being replaced by continuous 
mixers. This is because most continuous polymer processes involve mixing in addition to 
their normal processing tasks. Typical examples are single and twin screw extruders that 
often have mixing heads or kneading blocks incorporated into their systems. 

5.3.1 Banbury Mixer 

The Banbury mixer, shown in Fig. 5.11, is perhaps the most commonly used internal 
batch mixer. Internal batch mixers are high intensity mixers that generate complex 
shearing and elongat ional flows which work especially well in the dispersion of solid 
particle agglomerates within polymer matrices . One of the most common applications 
for high intensity internal batch mixing is the break-up of carbon black agglomerates 
into rubber compounds. The dispersion of agglomerates depends strongly on mixing 
time, rotor speed, temperature, and rotor blade geometry [13]. Figure 5.12 [l4,15] shows 
the fraction of undispersed carbon black versus time in a Banbury mixer at 77 rpm and 
100 °c. The broken line in the figure represents the fraction of particles smaller than 
500nm. 

Figure 5.11 Schematic diagram of a Banbury mixer 
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Figure 5.12 Fraction of uodispersed carbon black, of size above 9 µm , as a fvnction of mixing 
time inside a Banbury mixer; (0) denotes experimental r~~ults and solid line 

theoretica l predictions; thebroken line denotes the fraction of aggregates below 

500 nm in s ize 

5.3.2 Mixing in Single Screw Extruders 

One task of a single screw extrude r is to mix polymers with additives and to homogenize 
the melt before pumping it through the die. As discussed in the previous chapter, even 
without a mixing section, there is a cross flow component in tbe polyme r melt traveling 
down the channel in a single screw extruder. This cross flow component acts as a stirring 
mechanism which causes mixing. By circulating the fluid from the top of the channel to 
the bottom, and vice versa, the cross-channel component re-orients the interfaces between 
the primary and secondary fluids, enhancing mixing during extrusion. 

Mixing caused by the cross -channel flow component can be further enhanced by 
introducing pins in the flow channel. These pins can either sit on the screw as shown in 
Fig. 5.13 [16], or tbe barrel as shown in Fig. S.14 (17]. The extruder with the adjustable 
pins on the ban-el is called a QSM-extruder.* In both cases the pins disturb the flow by re­
orienting the surfaces between fluids and by creating new surfaces by splitting the flow. 
The pin type extruder is especially useful for mixing high viscosity materials such as 
rubber compounds; thus, it is often used in cold feed rubber extruders, a machine widely 
used to produce rubber profiles . 

~ === e a e 

. . ,,,..,.,,,,.,.,., .,.,,,,,. ,.,. , ''. '//✓✓//////✓✓/f'.F/,/'✓✓/'✓'j, 

Figure 5.13 Pin mixing section on the screw of a single screw extruder 
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t 

t 'f 

Figure 5.14 Pin barrel extruder 

For lower viscosity fluids, such as thermoplastic polymer melts, often the mixing action 
caused by the cross-flow is insufficient to re-orient, distribute, and disperse the mixture, 
so one must use special mixing sections. Re-orientation of the interfaces between primary 
and secondary fluids and distributive mixing can be induced by any disruption in the flow 
channel. Figure 5. 15 [16] presents common ly used distributive mixing heads for single 
screw extruders. These mixing heads introduce several disruptions in the flow field which 
improve mixing. 

(a) 

o·o·o·o·o·o·o·o 
◊◊◊◊◊◊◊ 

---0--0---0-➔-~ 4-
◊ ◊ ◊ ◊ ◊ ◊ ◊ ◊ ◊ ◊ ◊ ◊ ◊ ◊ ◊ 

Figure 5.15 Distributive mix ing sections: (a) pineapple mixing section , (b) cavi ty transfer 
mixing section 
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As mentioned earlier, dispersive mixing is required when breaking particle 
agglome rates or when surface tension effects exist between primary and secondary fluids. 
To disperse such systems, the mixture must be subjected to large stresses. Barrier-type 
screws are often sufficie nt to apply high stresses; however, more intensive mixing results 
from a mixing head. When using barrier screws or a mixing bead as shown in Fig. 5. 16 
[16) the mixture is forced through narrow gaps, caus ing high stresses in the melt. Most 
dispersive and distributive mixing heads result in flow resistance, causing viscous heating 
and pressure losses during extrusion. 

~ 

~ 8{::::::2"?~ 
~ 

Figure 5. 16 Maddock or Union Carbide mixing section 

Current dispersive mixing heads have two important drawbacks. One, they rely mostly 
on shear rather than elongational stresses, and two, the material passes over the high 
stress region only once. As already discussed earlier, elongationa l deformation achieves 
dispersion more effective ly than shear, but a lso, in terms of energy and power 
consumption, simple shear flows are significantly inferior to any extensional flow. 

Recently, a new mixing technology was deve loped that eliminates these disadvantages 
of existing single screw extruder mixing beads [ 17] . The new mix:ing head has wedged­
shaped pushing flights with a large gap, and wedged-shaped slots within the flights, as 
shown in Fig. 5.17. The wedge shapes generate strong elongational deformations with 
little viscous dissipation. Experiments performed on PS/HDPE blends show that such a 
mixing head can break down the dispersed PS phase to an average of 2 µm droplets, with 
negligible pressure losses and viscous dissipation. The size of the dispersed phase is 
comparable to co- and counter -rotating twin screw extruders, as discussed in section 
5 .3.5. 

~ 
Wedged slot Wedg~d flightvWiping sect ion 

c;-··-- C 1'"7 r"OT"\ _:_; __ ,., ... ,...;,.,._ 
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5.3.3 Static Mixers 

Static mixers or motionless mixers are pressure-driven, continuous mixing devices 
through which the melt is pumped, rotated, and divided, leading to effective mix.ing 
without movable parts and mixing heads. One of the most commonly used static mixers is 
U1e twisted tape static mixer schematically shown in Fig. 5.18. As the fluid is rotated by 
the dividing wall, the interfaces between the fluids increase. The interfaces are then re­
oriented by 90° once the material enters a new section. The stJ:etching and re-orientat ion 
sequence is repeated until the number of str iations is so high that a nearly homogeneous 
mixture is achieved . Figure 5.19 shows a sequence of cuts down a Kenics static mixer. 

Figure 5.18 Schematic diagram of a Kenics static mixer 

The number of striations increase from section to section by 2, 4, 8, 16, 32 ... , or simp ly 
by N = 2n, where N is the number of striations and n the number of sections in the mixer. 

Figure 5. 19 Experimen1al progression of the layering of colored resins in a Kenics static ,nixer. 
Courtesy of Chemineer, Inc. 
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Similar to dispersive mixers in single screw extrusion, a major drawback of existing static 
mixers is that their main mode of deformat ion is shear rather than elongation. Recently, a 
new dispersive static mixer was developed that generates elongational deformations, 
which lead to higher dispersive mixing [18]. Figure 5.20 presents a schematic of the new 
dispersive static mixer. 

Figure 5.20 Schematic diagram of a dispcrive static mixer 

5.3.4 Cokneader 

The cokneader is a single screw extruder with pins on the barrel and a screw that 
oscillates in the axial direction. Figure 5.21 shows a schematic diagram of a cokneader. 
The pins on the barrel wipe the entire surface of the screw, making it the only self­
cleaning single-screw extruder. This reduces residence time, which makes it appropriate 
for processing therma.lly sensitive materials. The pins on the barrel also disrupt the solids 
bed creating a dispersed melting [19], which improves the overall meltiDg rate and 
reduces the material temperature. 

Figure 5.21 Schematic diagram of a cokneader 

5.3 Mix.ing Devices 111 

A simplified analysis of a cokneader gives the following number of striations per LID 
[20) 

Ns = 212 (5.11) 

so that over a section of 4D the number of striations is 212(4) = 2.8E 14. A detailed 
discussion on the cokneader is given by Rauwendaal [20] and Elem.ans [21). 

5.3.5 Twin Screw Extruders 

ln the past two decades, twin screw extruders have deve loped into the most popular 
continuous mixing devices . In general, they can be classified into intermeshing or non­
intermeshing, and co-rotating or counter-rotating twin screw extruders . The interrneshing 
twin screw extruders are self-cleaning which evens out the polymer residence time. The 
main characteristic of this configurat ion is that the screw surfaces slide past each other , 
constantly removing polymer stuck to the screw. 

In the last two decades, the co-rotating twin screw extruder systems have established 
themselves as efficient continuous mixers for most processes, including reactive 
extrusion. In essence, the co-rotating systems have a high pumping efficiency caused by 
the double transport action of the two screws. The counter-rotating systems generate high 
temperature pulses, making them inappropriate for reactive extrusion, but they generate 
high stresses because of the calendering action between screws, making them efficient 
machines to disperse pigments and lubricants.• 

Several studies evaluate the mixing capab ilities of twin screw extruders. Two recent 
studies by Lim and White [22, 23) evaluated morphology development in a 30.7 mm 
screw diameter co-rotating [24] and a 34 mm screw diameter counter-rotating [13] 
intermeshing tw.in screw ex truder. In both studies, they dry-m ixed a 75/25 blend of 
polyethylene and polyamide 6 pellets and then fed into the hopper at 15 kg/hour. Small 
samp les were taken along the axis of the extruder and evaluated using optical and 
electron microscopy. 

The blend dispersion is manifested by the reduction of the characteristic size of the 
polyamide 6 phase. Figure 5.22 is a plot of the weight average and number average 
domain size of the polyamide 6 phase along the screw axis with one kneading -pump 
element and three special mixing elements. 

Using a co-rotating twin screw extruder with three kneading disk blocks , a final 
morphology with polyamide 6 weight average phase sizes of 2.6 µm was achieved. 
Figure 5.23 shows the morphology development along the screw axes. When compar ing 
counter-rotating (Fig. 5.22) with co-rotating (Fig. 5.23), both achieve similar final mixing 
quality. However, the counter-rotating extruder achieved the fina l morphology much 
ear lier in the screw than the co-rotating twin screw extruder. A possible exp lanation for 
this is that the blend traveling through the counter-rotating configuration melted earlier 
than in the co-rotating geometry. In addition, the phase size was slightly smaller, possibly 
as a result of the ca.lendering effect between the screws in the counter -rotating system. 

There seems to be considerable disagreement about co- versus counter- rotating twin screw extruders 
hPtwP .Pn rlif"fprpnf n ·rn 11nr:-in ,h.,. n.-.J.,.,.., ,,. .. r. .. ,.,.,.,.., ., ; .. ,., ;.,.,.i, , ,., ... , ,._..,a.,,,.,,,.,..,._:_-------! ~ .. 
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Figure 5.23 Number and weight average of polya.mide 6 domain sizes along the screws for a co­

rotating twin screw extruder with special mixing elements 

Examples 

5. l You are to use a 45 mm diameter single screw extruder to create a 
polycarbonate/polypropylene polymer blend. The max.imum ~crew rotation is 
160 rpm and the screw channel depth is 4mm. Assuming a barrel temperature of 
300 °c, a surface tension, er, between the two polymers of 8xJ0 ·3 Nim, and using 

t11e viscosity curves given in Figs. 5.24 and 5.25, determine: 

• 1f one can disperse 20% PC into 80% PP 
• If one can disperse 20% PP into 80% PC 
• The minimum size of the dispersed phase 

Examples 
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Figure 5:24 Viscosity curves fbr a polypropylene 
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Figure 5.25 Viscosity curves for a polycarbonate 

We start this prob lem by first calculating the average speed io lhe extruder 
using 

mm 
V0 =1TDN = n-(45)(160)(1/60) =377-

S 

which results in an average rate of deformation of 

'Y = Vo = 377 = 94 _! 
h 4 s 

From the viscosity curves we get 1Jpc ~ 600 Pa - s and 7/
8
p "" 150 Pa - s. 

Using Fig. 5.9 we can deduce that one cannot disperse polycarbonate into 

4 

3.5 

ll3 
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polypropylene using a single sc rew ext ruder that only induc es shear 
deforma tion, since 11P¼PP > 4. On the oth er hand, one can disperse 
polypropylene into polycarbonate using the same sing le screw extruder. 

Us ing Fig. 5.9 we; can see that dispersive mixin g for a Tlp;;;;Pc = 0.25 will 
occur at Ca,ri, "' 0.7. Hence , neglecting the effects of coalesce ncewe can 
calculate the minimum size of the dispersed phase using 

Ca . = 0.7 = -cR = 600(94
)R ~ D = 2R = 0.2 

"" C1, 8xl0- 3 µm 

To ach ieve this dispersion we must maintain the stresses for an extended 
period. 

Problems 

5.1 Estimate the str iation thickness of a 3mm diameter pigmented polystyrene pellet in a 
polystyrene matrix after traveling through a 20 turn, 45 mm diame ter, 5 mm constant 
channe l depth, single screw extruder. Assume open discharge condition s. Use 100 

5.2 

rpm rotat ional speed. 

Someone in your company proposes to use an existing square pitch 150 mm diameter 
plasticati ng single screw extruder as a mixing device for a 40/60 PP/PS polymer 
blend. The metering sectio n is 5 turns long and has a channel dep th of 10 mm. Will 
dispersion of the polypropylene occur for a screw rotation of 60 rpm ? Will there be 
enough time for dispe rsion ? Assume open discharge and a temperature of 220 °c. 
Use viscos ity data given in Examp le 5.1, and in Fig. 5.26. 
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Figure 5.26 Viscosity curves for a polystyrene. 
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5.3 Someone in your company proposes to use an existing square pitch 150 mm diameter 
plasticating single screw extruder as a mixing device for a 40/60 PS/PP polymer 
blend . The metering section is 5 turns long and has a channel dept h of 10 mm. Will 
dispersion of the polystyrene occur for a screw rotation of 60 rpm ? Assume open 
discharge and a temperature of 220 oc . Use viscos ity data given in Figs. 5.24 and 
5.26. 

5.4 An internal batch mixer maintains shear rates, r, of I 00 s· 1 for extended periods. In 
the mixer you want to disperse LOPE in a PS matrix at 170 °c. What is the size of 
the dispersed phase? Will the PS still be transparent? Use viscosity data given in 
Figs. 5.26 and 5.27. 
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Figure 5.27 Viscosity curves for a low density polyethylene. 
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6 Injection Molding 

Inj ect ion molding is the most importanl process used to manufacture plastic products. 
Today, more than one-third of all them1oplastic materials are injection molded and more 
than half of all polymer processing equipment is for injectio n molding. The injection 
molding process is idea lly suited to manufacture mass produced parts of complex shapes 
requiring precise dimensions. The process goes back to 1872 when the Hyatt brothers 
patented their stuffing machin e to inject cellulose into molds. Howeve r, today 's injection 
molding machines are mainly related 10 Lhe reciprocating screw injection molding machine 
patented in 1956. A modem injection molding machine with its most important elements is 
shown in Fig. 6.1. The components of the injection molding machine are the plasticating 
unit , clamping unit, and the mold. 

Clamaunit Plasticating unit 

Hopper 

□ Centro! pan@! [ 

Motor 
Figure 6.1 Schematic of an injection molding machine 

Today, injection molding machines are classified by the following international convention• 

Manufacturer type TI P 

where Tis the clamping force in metric tons and P is defined as 

p = VmaxPmax 

1000 
(6.1) 

where v ..... , is the maximum shot size in cm3 and P- is the maximum injection pressure in 

bar. The clamping forced T can be as low as I metric ton for sma ll machines, and as high 
as I 1,000 tons . 

• The old US convention uses MANUFACTURER T-v where Tis the clamping force in British Lons and v 
thn n h,..t ,. · ,..,.. · .. ,.,. .. ,.,.,. -~ - - '•• ~••--- · 
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6.1 The Injection Molding Cycle 

The seque nce of events during the injection molding of a plastic part , as shown in Fig. 6.2, 
is called the injection molding cycle. The cycle begins when the mold closes, followed by 
the injection of the polymer into the mold cavity. Once the cavity is filled, a holdi ng 
pressure is maintained to compensate for materia l shrinkage. ln the next step, the screw 
turns, feeding the next shot to the front of the screw. Th is causes the screw to retract as the 
next shot is prepared. Once the part is sufficiently cool, the mold opens and the part is 
ejected. Fig . 6.3 presents the sequence of events during the injection molding cycle. Th e 
figure shows that the cycle time is dominated by the cooling of the part inside the mold 
cavity. The total cycle time can be calculated using 

tC)-CI~ = !closing + !cooling + 1~Jectio,-
(6.2) 

where the closing and ejection t imes, r,,.,,,
8
.and r,;"""". can last from a fraction of second to 

a few seconds, depending on the size of the mold and machine. 

Moving plate 

® 

. , . , . I Mold 
Driving cylinder EJector pin cavity / part 

t ◄-

\ 
(9 .. \ 

<o 

T 
t 

- -

-->.\-\ ~ 

Check valve (open) 

Ejector pins Nozzle Injection unit (back) 

(0 Ir.-
'-.. 

Figure 6.2 Sequence of events during an injection molding cycle 

6.1 The Injection Molding Cycle 11 9 

Cycle ends I Cycle starts 

Figure 6.3 Injection molding cycle 

ESTIMATING COOLING TIME DURING INJECTION MOLDING 

The coo ling time for a plate-l ike part of thickne ss h can be estimated using 
[l] 

// [ 8 TM-Tw) t""'u,8 =- In - 7- _-"- - ~ 
,ra 11: TJ)-Tw 

(6.3) 

and for cylindricul geometry of diameter Du sing 

. =_!!._lh(o.692 TM -Iw) 
' """""

8 23.14a 7'n - T w 
(6.4) 

In Eqs. (6.3) and (6.4). a represenrs thermal diffusivity, TM represents the 
melt tempera ture, Tw the mold temperature, and T

0 
the average part 

temperature at ejection. 

Using the average part temperatu re history and the cavity pressure history , the process can 
be fo llowed and assessed using the PvT diagram as depicted in Fig. 6.4. [2-3]. To follow 
the process on tbe PvT diagram, we must transfer both the temperature and the pressure at 
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matching times. The diagram reveals four basic processes: an isothermal injection (0-1) 
with pressure rising to the holding pressure (1-2), an isobaric cooling process during the 
holding cycle (2-3), an isochoric cooling after the gate freezes with a pressure drop to 
atmospheric (3-4), and then isobaric cooling to room temperature (4-5). 

cm3 

ai 
E 
:, 

g 

1.051 

g 1.00 

Polystyrene 

/ 
/ 

/ 

1 bar 
/ 

0/ 
200 / 

/ 
/ 

/ 

o I 
~ __ } _ _ H __ _ .......... --- - ~ <' < ~ 
c.. /l.V ,,,; > ,,,,,. 

/ 
/ 

Cl) > 
. 5 

095~1~"' 
j 

0.90 : 
0 50 100 150 200 oc 

Temperature 

Figure 6.4 Trace of an injection molding cycle in a PvT diagram 

The point on the PvT diagram where the final isobaric cooling begins (4), controls the total 
part shrinkage, L\.v. This point is influenced by the two main processing conditions - the 
melt temperature, TM and the holding pressure, PH, as depicted in Fig. 6.5. Here the 
process in Fig. 6.4 is compared to one with a higher holding pressure. Of course, there is 
an infinite combination of conditions that render acceptable parts, bound by minimum and 
maximum temperatures and pressures. Figure 6.6 presents the molding diagram with all 
limiting condi tions. The melt temperatu re is bound by a low temperature that results in a 
short shot or unfilled cavity and a high temperature that leads to material degradation. The 
hold pressure is bound by a low pressure that leads to excessive shrinkage or low part 
weight, and a high pressure that results in flash. Flash results when the cavity pressure 
force exceeds the machine clamp ing force, leading to melt flow across the mold parting 
line. The holding pressure determines the corresponding clamping force required to size the 
injection molding machine. An experienced polymer processing engineer can usually 
determine which injection molding machine is appropriate for a specific application. For the 
untrained polymer processing engineer, finding this appropriate holding pressure and its 
corresponding mold clamping force can be difficult. 

6.1 The Injection Molding Cycle 12 I 
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Figure 6.5 Trace of two different injection molding cycles in a PvT diagram 
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Figure 6.6 The molding diagram 
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ESTIMATING INJECTION PRESSURE AND CLAMPING FORCE 

To aid the polymer processing engineer in finding required injection 
pressures and corresponding mold clamping forces, Stevenson [4] generated 
a set of dimensionless groups and corresponding graphs for non-isotherm.al 
mold filling of non-Newtonian polymer melts. 

Part 
=,. 

~ 
!h1 

@Rp 
Projected view Layed-flat model 

Fig .6.7 Lay-flat representation of an injection molded part 

Using the notation in Fig. 6.7 and a viscosity defined by 
1/ = 111ae -a(T-r~,)1rr1

' four dimensionless groups are defined. 

• The dimension .less temperature /J determines the intensity of the 
coupli ng between the energy equation and the momentum balance. It is 
defined by 

fJ=a(T;-T,,.) (6.5) 

where T; and Tm are the injection and mold temperatures respectively. 

• The dimensionless time 1" is the ratio of the filling time, t/111, and the time 

for thermal equilibrium via conduction, defined by 

-r= tr,iik 
h2pC 

p 

• TI1e Brinkman number Br is tbe ratio of the energy generated by 

(6.6) 
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viscous dissipation and the energy transported by conduction. For a 
non-isothermal, non-Newtonian model it is 

Br 
( )

•+I 
1nqe-ar1h1 .!!_ 
k(T,-Tm) r/111h 

(6.7) 

• The power-law index n of the Ostwald and deWaale model reflects the 
shear thinning behavi.or of the polymer melt. 

Once the dimensionless parameters are calculated, the dimensionl.ess 

injection pressures (:) and dimensionless clamping forces (;, ) are read 

from Figs. 6.8 to 6.11. The isothermal pressure and force are computed 
using 

and 

/lp, = 11r-•T1 [J +2n _!i__]"(!i) 
-n 2n rfi,,h h 

F, = ,rR'2(1-n )6.p, 
3-11 

(6.8) 

(6.9) 

Sioce.the_pru:t area....o.ften.exceeds..the.projecteclarea,..Eig. 6.12 can be used.to 
correct the computed clamping force. 

[ 
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Fig. 6.8 Oimcnsionless clamping force versus dimensionless groups 
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Fig. 6.9 Dimensionless clamping force versus dimensionless groups 
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Fig. 6.10 Dimensionless injection pressure versus dimensionless groups 
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Fig. 6.11 Dimensionless injection pressure versus dimensionless groups 
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Figure 6.12 Clamping force correction for 1he projec1ed area 

With difficulty, one can control and predict the component's shape and residual stresses at 
room temperature. For examp le, sink marks in the final product are caused by material 
shrinkage during cooling, and residual stresses can lead to environmental stress cracking 
under certain conditions [5]. 

Warpage in the final product is often caused by processing conditions that lead to 
asymmetric residual stress distr ibutions through the part thickness. The formation of 
residual stresses in injection molded parts is attributed to two major coupled facto rs: 
cooling and flow stresses. The first and most important is the residual stress formed as a 
resu.lt of rapid cooling. 

RESIDUAL STRESSES 1N AN INJECITON MOLDED PART 

'The parabolic temperature distribution through the thickness of a solidified 
injection molded part leads to a parabolic residual stress distribut ion, 
compressive in the onter surfaces of the.component and tensile in the core. 
Assum ing no residual stress bu ild-up during phase change, a simple 
function based on the parabolic temperature distribution, can be used to 
approximate the residual stress distribution in thin sections [61: 

2 . ( 6z2 !_ ) er= 3 a. E ( Ts - T f) 4L2 - 2 · (6. LO) 

Here, Tr is the final temperature of the part, E is the modulus, a the thermal 
expansion coefficient, L the halftb .ickness and Tsdenetes tbe"5olidification 
temperature: glass transition temperature for amorphous thermoplastics or 
the melting temperature for semi-crystalline polymers. Figure 6. 13 [7) 
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compares Lhe compress ive stresses measured on the surlace of PMMA 
moldings to those predicted by Eq. 6.10. 

1~1 :~ 
crci-Ea(T 9 - Tf) 

~ S3-1/) 
1/) 

!!! 
;;; 0 

Q) 

-~ 20 I "- 0 

!!! 
a. 
E 
0 
(.) 

-200 -100 0 100 

Temperature (OC) 

Figure 6. l 3 Comparison between computed, Eq. (6. l 0), and measured compressive 

s.l[esses on the surface of inj~ti:on ll!llk!ed PMMA pJates 

6.2 The Injection Molding Machine 

6.2.1 The Plasticating and Injection Unit 

A plasticating and injection unit is shown in Fig. 6.14. The major tasks of the plasticating 
unit are to melt the polymer, to accumulate the melt in the screw chambe r, to inject the melt 
into the cavity, and to maintain the holding pressure during cooling. 

Nozzle 
Sci 

Check valve Screw 

Figure 6.14. Schematic of the plasticating unit 
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The main elements of the plasticat.ing unit foUow: 

• Hopper 
• Screw 
• Heater bands 
• Check valve 
• Nozzle 

The hopper, heating bands and the screw are similar to a plasticating single screw extruder , 
except that the screw in an injection molding machine can sl ide back and forth to alJow for 
melt accumulation and injection. This characteristic gives it the name reciprocating screw. 
The max imum stroke in a reciprocati ng screw is 3D. 

Although the mos t common screw used in injection mo lding machines is the three-zone 
plasticating screw, two stage vented screws are often used to extract moisture and 
monomer gases just after the melting stage. 

The check valve , or non-return valve , is at the end of the screw and enables it to work as 
a plunger during injection and packing without allowing polymer melt back flow into the 
screw channel. A check valve and its function during operation is depicted in Fig. 6.2 , and 
in Fig. 6.14. A high qual ity check valve allows less then 5% of the melt back into the 
screw channe l during injection and packing. 

The nozzle is at the end of the plasticating unit and fits tightly against the sprue bushing 
during injection. The nozz le type is e-ither open or shut-off . The open nozzle is the 
simp lest, rendering the lowest pressure consumption. 

6.2.2 The Clamping Unit 

The job of a clamping unit in an injection molding machine are to open and c lose the mo.Id, 
and to close the mold tightly to avoid flash during the filling and holding. Modern injection 
molding machines have two predominant clamping types: mechan ical and hydraulic. 

Figure 6.15 presents a toggle mechanism in the open and closed mold positions . 
Although the toggle is essentially a mechanical device, it is actuated by a hydraulic cy linder. 
The advantage of using a toggle mechanism is that as the ,mold approaches closure the 
available closing force increases and Lhe closing decelerates significantly . However, the 
togg le mechanism only transmits its maximum closing force when the system is fully 
extended. 

Moving plate 

- ----
===f= ~ ~ 

. _:- - : - - -- ~ --- . ' 

. . --- - ----

Hydraulic cylinder 

Figure 6.15. Clamping unit with a toggle mechanism 
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Figure 6.16 presents a schematic of a hydraulic clamping unit in the open and closed 
positions. The advantages of the hydraulic system is that a maximum clamping force is 
attained at any mold closing posi tion and that the system can take different mold sizes 
without major system adjustments. 

Hydraulic fluid tank 
Prefill valve / 

Hydraulic flu! 

Main cylinder ~ _ " __ 

High-speed 
cylinder 

Figure 6.16 Hydraulic ciamping unit 

6.2.3 The Mold Cavity 

The central point in an injection molding machine is the mold. The mold distributes 
polymer melt i.nto and throughout the cavities, shapes the part, cools the melt and ejects the 
finished product. As depicted in Fig. 6.17, the mold is custom-ma de and consists of the 
following elements: 

• Sprue and runner system 
• Gate 
• Mold cavity 
• Cooling system (thermoplastics) 
• Ejector system 

During mold filling , the melt flows through the sprue and is distributed into the cavities 
by the runners, as in Fig. 6.18. 
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Guiding pin 

:jection plate 

- ~b~hiog 

~ ii- / 
Nozzle 

Ejection ring 

--q] 

Figure 6. I 7 An injection mold 

The runner system in Fig. 6. 18 (a) is symmetric where all cavities fill at the same time 
causing the polymer 10 fill all cavities in the same way. The disadvantage of this balanced 
runner system is that the flow paths are long, leading to high material and pressure 
consumption. On the other hand, the asymmetric runner system shown in Fig. 6 .J 8(b) 
leads to parts of different quality. Equal filling of the mold cavities can also be achieved by 
varying runner diameters. There are two types of runner systems - cold and hot. Cold 
runners are ejected with the part, and are trimmed after mold removal. The advantage of the 
cold runner is lower mold cost. The hot runner keeps the polymer at its melt temperature. 
The material stays in the runners system after ejection, and is injected into the cavity in the 
following cycle. There are two types of hot runner system: externally and internally heated. 
The externally heated runners have a heating element surrounding the runner that keeps the 
polymer isothermal. The internally h.eated runners have a heating e lement running along the 
center of the runner , maintaining a polymer melt that is warmer at its cente r and possibly 
solidified alon g the outer runner surface . Although a hot runner system cons.iderably 
increases mold cost , its advantages include elimination of trim and lower pressures for 
injection. 
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Cavities/Parts 

(a) 

66°66 
(b) 

Figure 6.18 Schematic of different runner system arrangeme nts 

When large items are injection molded, the sprue sometimes serves as the gate, as shown 
in Fig. 6.19. The sprue must be subsequently trimmed, often requiring further surface 
finishing . On the other hand, a pin-type gate (Fig. 6.19) is a small orifice that connects the 
sprue or the runners to the mold cavity. The part is easily broken off from such a gate, 
leaving only a small mark that usually does not require finishing. Other types of gates, also 
shown in Fig. 6.19, are film gates, used to eliminate orientat ion and clisk or diaphragm 
gates for symmetric pa..rt..s such as compact discs. 

Sprue gate Pin gate 

b 
pl \ 

Runner 

Diaphragm gate Film gate 

part 
Part 

Disk-shaped run!frer 

Sprue 
Diaphragm gate \e 

Figure 6. L9 Schematic of different gating systems 

6.3 Related Injection Molding Processes 131 

6.3 Related Injection Molding Processes 

Although most injection molding processes are covere d by the conventional process 
description discussed earlier in this chapter, there are several important molding variations 
tncluding : 

• Multi-color 
• Multi-component 
• Co-injection 
• Gas-assisted 
• Injection -compression 

Multi-color injection molding occurs when two or more components are injected through 
different runner and gate systems at different stages during the molding process. Each 
component is inj ected using its own plast icating unit . The molds are often located on a 
turntable. Multi-color automotive stop lights are moided this way. 

In principle, the multi-component injection molding process is the same as the multi-color 
process. Here, either two incompatib le materials are molded or one compo nent is cooled 
sufficiently so that the two components do not adhere to each other. For example, to mold a 
ball and socket syste m, the socket of the linkage is molded first. The socket component is 
allowed to cool somewha t and the ball part is injected inside it. This results in a perfectly 
n1ovable system. This type of injection molding process is used to replace tediou s 
assembling tasks and is becoming popular in countries where labor costs are high. 

In contrast to multi-color and multi-component injection molding, co- injection molding 
uses the same gate and runner system. Here, the component that ends as the outer skin of 
the part is injected first, followed by the core component. The core component displaces the 
first and a combination of the no-slip condition between polymer and mold and the freezing 
of the melt creates a sandwiched structure as depicted in Fig. 6.20. 

ln principle, the gas-ass isted inject ion molding process is similar to two-component 
inject ion molding. Here, the second or core component is nitrogen, which is injected 
through a needle into the polymer melt , blowing tlle melt out of the way and depositing it 
against the mold surfaces . 

Inject ion-comp ression molding first injects the material into a partially opened mo ld, and 
then squeezes the material by closing tlle mold. Injection-compres sion molding is used for 
polymer products tllat require a high quality surface finish, such as compact discs and other 
optically demanding components. 
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Figure 6.20 Schematic of the co-injection molding process 

6.4 Computer Simulation in Injection Molding 

Today , computer simulation is commonly used to predict mold filling, fiber orientation, 
thermal history, .residual stresses and warpage in complex parts. It is common practice, to 
determine gate location, balance the rooner system, relocate or eliminate possible weldlines, 
reduce shrinkage and warpage, and optimize the properties of the finished product before 
ever cutting a piece of metal, through the use of simulation packages. 

In injection molding , researchers are making progress on solving three-dimensional 
orientation for complex realistic applications [8,9). Commercially available programs solve 
for the non-isothermal, non-Newtonian filling and orientation in non-planar injection 
molded parts . They used tbe fJele-Shaw model [ I OJ to simulate the mold filling. For 
example, Fig. 6.21 presents t.he filling pattern and weldline location during molding of a 
complex lawn-mover housing. Orientation in the finished product is computed using tensor 
representations. The injection molded part is divided into layers to include complex flow 
and heat transfer phenomena that take place daring filling. Figure 6.22 presents the fixed 
finite element mesh used to represent a plate and the pred_icted fi !ling pattern during 
molding. The same figure presents the computed fiber odentation distribution in three 
different layers within the part. 
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'M!ldlines 

Figure 6.21 Fin.ite element mesh and predicted filling pattern for a lawn-mover housing 
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Figure 6.22 Finite element mesh, predicted filling pattern and computed fiber orientation in three 

different layers (0% corresponds to the center and 100% to the surface of the part) 
Examples 

6.1 Consider the multi-cavity injection molding process shown in Fig. 6.23. To achieve 
equal part quality, the filling time for all cavities must be balanced. For the case in 
question, balance your cavities by solving for the nmner radius, Rz. For a balanced 
runner system the flow rates into all cavities must match. For a given flow rate Q, 
length L, and radius R, , you must also solve for the pressures at t.he runner system 
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junctures. Assume an isothermal flow of a non-Newtonian shear thinning polymer. 
Compute the radius Rz for a part molded of polystyrene with a consistency index (m) 
of 2.8x I 04 Pa-s• and a power law index (n) of 0.28. Use values of L= IO cm, R, =3 
mm, and Q = 20 cm3/s . 

2L 

Sprue - A ~ ....-..... 

Figure 6.23 Runner system lay out 

2L 

L 

- P1 

The flow through each runner section is governed by the Hagen-Poiseuille 
equation: 

7rR
3 

( R t:.p ) '' 
Q= s + 3 2ml 

The various sections can be represented using 

Section J: 4Q = n-(l.5R,)
3 

[ l.5Ri(.Pi - Pi)]·' 
s+ 3 2m L 

Section 2: 2Q= n(J.5R,)3 [l.5R,(Pi - ~) ]' 
s+ 3 4ml 

Section 3: Q = n;Rz
3 [Rz( Pi -0 )] ' 

s+3 4ml 

Section4: Q=nR/[R,(~-0)]' 
s+3 4ml 

The unknown parameters, P., Pi,~. and Rz, can be obtained using the above 
equations . For the given values, a radius, Rz, of 2.34 mm would result in a 
balanced runner system, with pressures P. = 562 bar, Pi = 460 bar and ~ = 
292 bar. For comparison, if we assume a Newtonian model with µ=m, a 
radius R2 of 2.76 mm would have resulted, with much higher required 
pressures of P1=63030 bar, P2=49120 bar and P3=35210 bar. 
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6.2 You are to determine the maximum clamping force and injection pressure required to 
mold an ABS suitcase with a filling time, t1 , of 2.5 seconds . Use the dimensions 

shown in Fig. 6.24, an injection temperature, 'I;, of 227 °C (500K), and a mold 

temperature, T,,,, of 27 °C (300K) . The properties necessary for the calculations are 
also given below. 

Properties for ABS 

n= 0.29 

m0 = 29x10 6 Pa-s" 

a= 0.01369/ K 

p = 1020 kg I m3 

Cv = 2343 JI kg I K 

k = 0.184 WI ml K 

-- - --- - 0.8 m------------✓ 

\ 
\ 

L 
/ 

~ 

/ 
0.002 m 

Figure 6.24 Suitcase geometry 

We start this problem by first laying the suitcase flat and determining the 
required geometric factors (Fig. 6.25). From the suitcase geometry, the 
longest flow path, R, is 0.6 m and the radius of the projected area, Rp, is 
0.32 m. We can now compute the dimensionless parameters given in Eqs. 
( 6.5 to 6. 7), 

/3 = 0.01369(500- 300) = 2.74 

'l'= 2.5(0.184) = 0.192 
(0.001)2(1020)(2343) 

Br (29xl06)e-0.01J69(S00>(0.001)2 ( 0.6 )0.29+1 = 0 .987 

0.184(500 - 300) 2.5(0.001) 

The isothermal injection pressure and clamping force are computed using 
Eqs. (6.8 to 6.9) 
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t:,p, 29xl0 6 e--0·
01369

<
500

> [1 + 2(0.29) 0.6 ]
0
·
29

( 0.6 ) -- =171M Pa 
1-0.29 2(0.29) 2.5(0.001) 0.001 

F, = .ir(0.6)2(
1

- 0·
29

)c11.Ix !07
) = 50.7xl0 6 N 

3-0 .29 

sm2 A=0 .6: 

/0.45m 

Figure 6.25 Layed-flal suitcase 

0.15m 

We now look up ~P, and¼; in Figs. (6.8 to 6.11). Since little change 

occurs between n = 0.3 and n = 0.5, we choose n = 0.3. However, for other 
values of n we can interpolate or extrapolate. For /3 = 2.74, we interpolate 
between I and 3 as 

f3 = I ➔ fl¼, = 1.36 and ¼; = 1.65 

/3 = 3 ➔ ~P, = 1.55 and ¼; = 2.1 

f3 = 2.74 ➔ fl¼, = 1.53 and ¼; = 2.04 

t:,p = ( fl1t:,p, )t:,p, = 262 MPa = 2,620 bar 

F=(¼;}'•; = 10.3xl0 7 N = I0,300metrictons 

r 
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The clamping force can be corrected for an RP = 0.32 m using Fig. 6.12 

and R½ = 0.53. 

Fr,.iw,d = (0.52)10,300 = 5,356 metric tons 

For our suitcase cover, where the total volume is 1,360 cc and total part area 
is 0.68 m2, the above numbers are too high. A usefull rule-of-thumb is a 
maximum allowab le clamp ing force of 2 tonsfin2. Here, we have greatly 
exceeded that number. Normally, around 3,000 metric tons/m2 are allowed 
in commercial injection molding machines. For example, a typical injection 
molding machine* with a shot size of 2,000 cc has a maximum clamping 
force of 630 metric tons with a maximum injection pressure of 1,400 bar. A 
machine with much larger clamping forces and injection pressures is 
suitable for much larger parts. For example, a machine with a shot size of 
19,000 cc allows a maximum clamping force of 6,000 metric tons with a 
maximum injection pressure of 1,700 bar. For this examp le we must reduce 
the pressure and clamping force requirements. This can be accomplished by 
increasing the injection and mold temperatures or by reducing the filling 
time. Recommended injec tion temperatures for ABS are between 210 and 
240 °c and recommended mold temperatures are between 40 and 90 °c.•• 
As can be seen, there is room for adjustment in the processing conditions, 
so one must repeat the above procedure using new conditions. 

Prob lems 

6.1 A thin polyamide 66 component is injection molded under the following conditions: 

- The melt is injected at 275 °c to a maximum pack/ho ld pressure of 800 bar. 
- The 800 bar pack/hold pressure is maintained until the gate freezes off, at which 

point the part is at an average temperature of 175 °c. 
- The pressure drops to I bar as the part cools inside the cavity . 
- The part is removed from the mold and cooled to 25 °c. 

• Draw the whole process on the PvT diagram. 

• Estimate the final part thickness if the mold thickness is I mm. For thin 
injection molded parts, most of the shrinkage leads to part thickness reduction. 

• MlNIFLO W, Injection Molding Simula tion, The Madison Group: PPRC, Madison, WI. 
** A good reference for such values is the CAMPUS® material data bank. Books such as H. 
nnmin i nnhn11r 01.,.,.,; ,.,. /',,, .. z. .... ;_,..,.,., u ,., ... ,..., . n .. ht:n1-., ... n / 1()f'l"I\ 1o.1 .... :. 1. --· ., •••• ----· ·- J • .1 
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Figure 6.26 PvT diagram for PA66 

6.2 Design a balanced runner system for the mold in Example I if you are to injection 
mold a polystyrene product. Assume a power-law model with a consistency index, m, 
of 2.8x 104 Pa-sn, and a power-law index, n, of 0.28. 

6.3 Estimate the cooling time for the ABS suitcase presented in Example 6.2 if demolding 
occurs when the average part temperature is below 60 oc. 

6.4 What are the required clamping force and injection pressure if the filling time in 
Example 6.2 is increased from 2.5 seconds to 3 seconds? 

6.5 What are the required clamping force and injection pressure if the mold temperature in 
Example 6.2 is increased from 27°C to 90°C ? 

6.6 What are the required clamping force and injection pressure if the injection temperature 
in Example 6.2 is increased from 227 to 240 °C? 

6.7 What is the residual stress on the surface of a I mm thick injection molded polystyrene 
ruler with a glass transition temperature of I 00 °c and a mold tempe rature of 40 °c? 
Assume a modulus of 3.2 0 Pa. 
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7 Secondary Shaping 

Secondary shaping operations such as extrusion blow molding, film blowing, and fiber 
spinning occur immediately after the extrusion profile emerges from the die. The 
thermoforming process is perfonned on sheets or plates previously extruded and solidified. 
In general, secondary shaping operations consist of mechanical stretching or fonning of a 
preformed cylinder, sheet, or membrane. 

7.1 Fiber Spinning 

Fiber spinning is used to manufacture synthetic fibers. During fiber spinning, a filament is 
continuously extruded through an orifice and stretched to diameters of 100 µm and smaller. 
The process is schematically depicted in Pig. 7.1. The molten polymer is first extruded 
through a filter or screen pack , to eLiminate small contaminants. The melt is then extruded 
through a spinneret, a die composed of multiple orifices. A spinneret can have between 
one and I 0,000 boles. The fibers are then drawn to their final diameter, solidifie d, and 
wound onto a spool. The solidification takes place either in a water bath or by forced 
convection. When the fiber solidifies in a water bath, the extrudate undergoes an adiabatic 
stretch before cooling begins in the bath. The forced convection cooling, which is more 
commonly used, leads to a non-isothermal spinning process. 

~ 

Ff 

·- - -uniform axial velocity 

L 

------ - Point of solidification 

'Vz=DRVo 

Ri•urr. 7. 1 ·n,r. liher sninnin• nrocess 
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The drawing and cooling processes determine the morphology and mechanical propertie s 
of the final fiber. For example, ultra high molecular weight HDPE fibers with high degrees 
of orientation in the axial direction can have the stiffness of steel with today's fiber 
spinn ing technology. 

Of major concern during fiber spinning are the instabilities that arise during drawing, 
such as brittle fracture, Rayleigh disturbances , and draw resonance. Brittle fracture occurs 
when the elongational stress exceeds the melt strengt h of the drawn polymer melt. The 
instabilities caused by Rayleigh disturbances are like those causing fi lament break -up 
during dispersive mixing as discussed in Chapter 5. Draw resonance appears under certain 
conditions and manifests itself as periodic fluctuations that result in diameter oscillation. 

STABILITY ANALYSIS OFFIBrr-SPINNING 

Fisher and Denn [I] performed a stability analysis of isothermal, 
viscoelastic spinning. Figure 7.2 [1] presents the stable and unstable 

regions in a draw ratio, DR, versus DeY. graph. The draw ratio is defined 
by 

I DR= Vo v, 
and for this case the Deborah number is given by 

m(3) (n-1)12 ( V ) 
De=---- .....!l. 

G L 

(7.1) 

(7.2) 

where n is the power-law index, m the consistency index, G the shear 
modulus of the fiber, v0 the material speed as it emerges from the spinneret 

orifice, v I the fiber speed at the take-up rolJ and, L the distance between 
the spinneret and the first contact take-up wheel. 

U nattainab le 

~t 1111111 I I 11111 
10-4 -10·3 De 1/ n 10·2 10-1 

Figure 7 .2 Stable and unstable regions duri.ngjibcr spinning 
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7 .2 Film Production 

7.2.1 Cast Film Extrusion 

In a cast film extrusion process, a thin fiJm is extruded through a slit onto a chilled, highly 
polished, turning roll where it is quenched from one side. The speed of the roller controls 
the draw ratio and final film thickness. The film is then sent to a second roller for cooling 
of the other side. Final ly, the film passes through a system of rollers and is wound onto a 
roll. A typical film casti ng process is depicted in Fig . 7 .3. The cast film extrusion process 
exhibits stability problems similar to those encountered in fiber spinning [2] . 

.,.918inlet 

~ 

"' 
~ trim slitter 

1 

-'\ Ai)...- ~II rolls 

~\i' /~/ ~ 

Casting roll 

Figure 7.3 Schematic of a film casting operatio n 

~ 
Wind up rolls 

Thicker polymer sheets are manufactured similarly. A sheet is distinguished from a fi lm by 
its thickness; by definition a sheet has a thickness exceeding 250 µm; otherwise, it is called 
a film. 

STABIT.,ITY ANALYSIS OFFILU-CASTING 

Anturkar and Co [2] performed a stability analysis of isothermal, 
viscoelastic film cast ing depicted in Fig. 7.4. In their analysis, they used 
the White-Metzner viscoelastic model and represented the viscosity with the 
Bird -Carreau model as 

r,= T/o(l+).!ff½ (7.3) 

If we relate the time constant of the White-Metzner model to first normal 

stress differences and viscosity using ). = J!J.., we end with a simi.lar 
2r, 

relation for the relaxation time: 

,l = A-o( 1 + ).;,y2(·½ (7.4) 
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Figures 7.5 and 7.6[2] present the stable and unstable regions .in a draw 
ratio, D,, ,versus De graph. Here, the Deborah number is defined by 

De= ,lio ( 2 ),~o r-i (7.5) 

Slit die 

Figure 7.4 Film casting 

The curves in Figs. 7.5 and 7.6 show the effect of the exponent n and n', 
respectively. 

1 oo, I I I n'=0.7 

, V,Aj=100 
80· 

:] \ \\ Stable 
CI 

0 

Unstable 

l ✓-- J ➔ 
0 I I I J I I 

QOO 0.02 0.04 0.06 0.08 0.10 

De 

Figure 7.5 Stable and unstable regions during,film casting (constanl n') 

~ 

a: 
Cl 

7 .2 Film Production 

100 -

80· 

.!!! 

1 
=> 

n=0.7 
\,=¥100 

Stable 

0 I I 
o.od 'o.64' 'o.ba' 'o.h' 1

0.~s' 0.20 

De 

Figure 7.6 Stable and unstable regions during film casting (cpnstl!Dl n). 

7.2.2 Film Blowing 

145 

ln film blowing, a tubu lar cross-section is extruded through an annu lar die, norma lly a 
spiral die, and is drawn and inflated until the freezing line is reached. Beyond this point , 
the stretching is practical ly negligible . The process is schematically depic ted in Fig. 7.5 [3]. 
The advantage of fi lm blowing over casting is that the induced biaxial stretching renders a 
stronger and less permeable film. 

w7-up system 

Extruder' Air cooling ,~# 
Figure 7 .5 Film blowing 

1 
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The extruded tubular profile passes through one or two air rings to coo l the material. The 
tube interior is maintained at a certain pressure by blowing air into the tube through a small 
orifice on the die mandrel. The air is retained in the tubular film, or bubble, by collapsing 
the film well above its freeze-off point and tightly pinching it between rollers. The size of 
the tubular film is calibrated between the air ring and the collapsing rolls. 

Fll.M BLOWING ANALYSIS 

The important outcome of a film blowing process (Fig. 7.6) is the size or 
diameter of the tubular film defined by the dimensionless blow-up ratio 

R1 B=-
R Ro 

and the dimensionless draw ratio 

DR= v, 
Vo 

Conservation of mass leads to a dimensionless thickness defined by 

he,= BRDR 
h, 

(7.6) 

(7.7) 

(7.8) 

Pearson and Petrie (4] developed and solved a Newtonian model of film 
blowing and plotted their results in dimensionle ss graphs. In addition to 
dimensionless blow-up ratio, draw ratio, and thickness , they introduced a 
dimensionless pressure, P , 

p = 11:R'/,t:.p 
µQ 

a dimensionless take-up force, F , 

F = Rr,f, 
µQ 

and a dimensionless freeze-off point, X, 

X = ~ 
Ra 

(7.9) 

(7.10) 

(7.11) 

ht 

Freeze -line 

--- ~ 
Molten polymer 
from extruder 

• 

7.2 Film Production 

Guide rolls 

~pl 
R. 

I 

w~~ 

--
I Die 

♦ L--.J 
:A ir supply 

Figure 7.6 Film blowing 

where µ is the Newtonian viscosity , Ra is the radius of the extruded tube, 

R1 is the radius of the final tubular film, v0 is the velocity of the material at 

the exit of the die, v1 is the take-up speed, Q is the volumetric material 

throughput , f:.p is the pressure difference across the film, and f , is the film 
take-up force. Figures 7.7[4] and 7.8[4] present results from the isothermal 
Newtonian film blowing calculations using the above dimension less 
parameters. These graphs are helpful when determ ining effect of 
processing condit ions on film size and thickness. 

147 
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a: 
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Figure 7.7 Film blowing processing conditions for X=lO 
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Figure 7.8 Film blowing processing conditions for X=20 

7.3 Blow Molding 

The predecessor of the blow molding process was the blowing press developed by Hyatt 
and Burroughs in the 1860s to manufacture hollow celluloid articles. Polystyrene was the 
first synthetic polymer used for blow molding during World War II and polyethylene was 
the first material to be implemented in commercial applications. Until the late 1950s, the 
main application for blow molding was the manufacture of LDPE articles such as squeeze 
bottles. 

Blow molding produces nearly hollow articles that do not require a homogeneou s 
thickness distribu tion. Today, HDPE, LDPE, PP, PET, and PVC are the most common 
materials used for blow molding. 
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7.3.1 Extrusion Blow Molding 

In extrusion blow molding, a parison or tubular profile is extruded and inflated into a cavity 
with the specified geometry. The blown article is held inside the cavity until it is sufficiently 
cool. Figure 7.9 [5] presents a schematic of the steps in blow molding. 

During blow molding, one must generate the appropriate parison length such that the 
trim mater ial is minimized. Another means of saving material is by generating a parison of 
variab le thickness, usually referred to as parison programming, such that an article with an 
evenJy distributed wall thickness is achieved after stretch ing the material. An example of a 
programmed parison and finished bottle thickness distribution is presented in Fig. 7 .10 [6]. 

~ 
Figure 7. 9 Schematic of the extrusion blow molding process 

_ flflr 0.010inch 

0.027' • • • I 0.090 

1--1- -- 0.066 

• ------+--0.084 

0.034--• 1--111---+-- 0.100 

Figure 7.10 Wall thickness distribution in the parison and the part 
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A parison of variable thickness can be generated by moving the mandrel vertically during 
extrusion as shown in Fig. 7.11. A thinner wall not only results in material savings but 
also reduces the cycle time due to the shorter required cooling times. 

l 
\ 

Figure 7.11 Moving mandrel used to generate a programmed parison 

As expected, the largest portion of the cycle time is the cooli ng of the blow molded 
container in the mold cavity. For this reason, for high volume applications, rotary molds 
are often used in conjunction with vertical or horizontal rotating tables (Fig. 7. I 2 [SJ). 

Die 

Parison 

Extruder 

Rotating table / 

Blowing 

Figure 7.12 Schematic of an extrusion blow molder with a rotating table 

COOLING TIME FOR BLOW MOLDING 

The same procedure used for injection molding can be used to estimate the 
cooling time during blow molding. Since the article is cooled from one side 
only , the inner surface can be considered insulated. The modified Eq. (6.3) 
now becomes 

4h
2

1 ( 8 Tm-1',.•) 
tcoo11ns = ,ra n 1C2 To - T., (7.12) 
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7.3.2 Injection Blow Molding 

Injection blow molding depicted in Fig. 7. I 3 [5], begins by injection molding the parison 
onto a core and into a mold with finished bottle threads. The formed parison has a 
thickn ess distribution that leads to reduced thickness variations throughout the container. 
Before blowing the parison into the cavity, it can be mechanica lly stretched to orient 
molecules axially, Fig. 7.14 [5]. The subsequent blowing operation introduces tangent ial 
orientation. A container with biaxial molecular orientation exhibits higher optical (clarity) 
and mechanica l properties and lower permeability. In the injection blow molding proces s 
one can go directly from injection to blowing or one can have a re-heating stage in-
betwee n. 

D= 
D, 

[3o 
I+ l -~) -
I ◄ 
D ~ 

I ~ 
Figure 7.13 Injection blow molding 

~iE~ 
Heating 

Mold closed Stretch 

Blow 
[oJ 

Eject 

FiourP 7 1~ SrrPtrh hlnw mnlrl ino 
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The advantages of injection blow molding over extrusion blow molding are: 

• Pinch-off and therefore post-mold trimming are eliminated 
• Controlled container wall thickness 
• Dimensional control of the neck and screw-top of bottles and containers 

Disadvantages include higher initial mold cost and the need for both injection and blow 
molding units. 

7.4 Thermoforming 

Thermoforming is an important secondary shaping of plastic film and sheet. 
Thermoforming consists of warming the plastic sheet and forming it into a cavity or over a 
tool using vacuum, air pressure, and mechanical means. During the 18th century, 
tortoiseshells and hooves were thermoformed into combs and other shapes. The process 
was refined during the mid-19th century to thermoform various cellulose nitrate articles. 
During World War Il, thermoforming was used to manufacture acrylic aircraft cockpit 
enclosures, canopies, and windshields , as well as translucent covers for outdoor neon 
sign s. During the I 950s , the process made an impact in the mass production of cups , 
blister packs, and other packaging commodities. Today , in addition to packaging, 
thermoforming is used to manufacture refrigerator liners, pick-up truck cargo box liners, 
shower stalls, bathtubs , as well as automotive trunk liners, glove compartments, and door 
panels. 

A typical thermoforming process is presented in Fig. 7.15 [3]. The process begins by 
heating the plastic sheet slightly above the glass transition temperature , for amorphous 
polymers, or slightly below the melting point, for semi-crystalline materials. Although , 
both amorphous and semi-crystalline polymers are used for thermoforming, the process is 
easiest with amorphou s polymers because they have a wide rubbery temperature range 
above the glass the transition temperature. At these temperatures the polymer is easily 
shaped, but still has enough rigidity to hold the heated sheet without much sagging. Most 
semi-crystalline polymers lose their strength rapidly once the crystalline structure breaks up 
above the melting temperature. 

The heating is achieved using radiative heaters and the temperature reached during heating 
must be high enough for sheet shaping, but low enough so the sheets do not droop into the 
heaters . One key requirement for successful thermoforming is to bring the sheet to a 
uniform forming temperature. The sheet is then shaped into the cavity over the tool. This 
can be accomplished in severa l ways. Most commonly a vacuum sucks the sheet onto the 
tool , stretching the sheet until it contacts the tool surface. The main problem here is the 
irregular thickness distribution that arises throughout the part. Hence, the main concern of 
the process engineer is to optimize the system such that the differences in thicknes s 
throughout the part are minimized . This can be accomplished many ways but most 
commonly by plug-assist. Here, as the plug pushes the sheet into the cavity, only the parts 
of the sheet not touching the plug-assist stretch. Since the unstretched portions of the sheet 
must remain hot for subsequent stretching, the plug-assist is made of a low therma l 
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conductivity material such as wood or hard rubber. The initial stretch is followed by a 
vacuum for final shaping. Once cooled, the product is removed. 

I 
Plug-assist 

I 

Strejching 

Figure 7. 15 Plug-assist thermoforming using vacuum 

I 
Vacuum hole 

I 

Vacuum 
' 

To reduce thickness variations in the product , the sheet can be prestretched by forming a 
bubble at the beginning of the process. This is schematically depicted in Fig. 7.16 [3]. The 
mold is raised into the bubble, or a plug-assist pushes the bubble into the cavity, and a 
vacuum finishes the process. 

Heated sheet 

Vacuum 
Fim1rr 7 lfi J?p u pr~ P tir ~m , fhPrmnfnrminn mith nl11n. o""i"t -:.nti lf'llf'mH"°' 
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One of the main reasons for the rapid growth and high volume of thermoformed products is 
that the tooling costs for a thermoforming mold are much lower than for injection molding. 

ANALYSIS OF THERMOFORMING 

The thickness distribution in various thennoformed shapes can be predicted 
using a simp le volume or mass balance. For a thermoformed conical shape, 
shown in Fig. 7 . 17, the final thickness distribution is given by 

I 1, l + cos a [i s . ]""' a-i 
1=,'0--- --sma 

2 R 
(7.13) 

This equation can also be used to estimate the thickness distribution in a 
truncated cone or cup. The thickness distribution in the cylindrical shape 
shown in Fig. 7. I 8 is given by 

h=lzoe-=,; 
2 

h 

H ~v&i f/%.1/ 
I • 

I 

~ 
Figure 7 .17 Cone ~ermofonning 

I 
H.i.nt1T.'P 7..JJt.r-u.Jinrlru-th a rmnfnrmin .n. 

(7 .14) 
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Examples 

7.1 Polyethylene fibers are spun to a draw ratio, DR, of 10 through 500 µm d.iameter 
orifices at mass flow rates, th, of 0.18 kg/hr per fiber. For the data below, will draw 
resonance occur for a spinning length of 2 m ? 

Material data: 11 = 0.5, m = 2000 Pa - s", G = 3000 Pa, and p = 960 kg I m3
• 

To solve this problem, we must first compute the speed of the polyethylene 
as it emerges from the spinneret 

. /( 0.18 v =m A = -------=0.265mls 0 p) (60)(60)ir(0 .00025)2 (960) 

We can now compute the Deborah number using Eq. (7.2) 

2000(3t-l )/l (0.265) 
De=- - -- -- = 0.067 

3000 2 

This gives De"" = 0.0045 which lies in the unstable regime in Fig. 7 .2 . 

For a draw ratio of IO and n = 0.5, the stable regime of De11
" lies between 

0.035 and 0.1. To eliminate draw resonance , the distance between the 
sp inneret and the take-up wheel must be decreased to 0.72 m, which 
requires faster cooling. 

7.2 An LLDPE film is blown to a thickness of 50 µm from a 25 mm diameter annular die 
with a I mm thick slit. Determine the required bubble pressure and take-up force for 
an extruder mass throughput of 100 kg/hr and draw-do wn ratio, DR, of 4. The 
freez ing point is 200 mm above the die exit; the polymer is assumed to be Newtonian 
with a viscos ity of 1000 Pa-s; and the density is 920 kgtm3. What is the take-up 
speed? 

We start the solution by calculating the dimensionless freezing point, X, and 
the thickness ratio, ho I h1 , as 

X=200= 16 
12.5 

lzo!h =~=20 1 50xl0-,; 

From Eq. (7.8), we can compute the blow-up ratio as 

BR= holhf - 20 
DR - 4 = 5 
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Figures 7.7 and 7.8 represent the film blowing process for dimensionless 
freezing points of 10 and 20, respectively. We can get P and F from the 
figures and iterpolate for a dimensionless freezing point of 16: 

X = I O ➔ P = 0.08 and F = 1.95 

X = 20 ➔ P = 0.055 and F = 1.50 

X = I 6 ➔ P = 0.065 and F = I .68 

Using Eqs. (7.9) and (7.10), we can now solve for the bubb le pressure and 
the take-up force as: 

tl 1 = 0.065(1000)(100)(1 / 60) (1 I 60)(11920) = 
319 

Pa 
1 

n(0.0125)3 

J, = 1.68(1000)(100)(1/ 60)(1 / 60)(1/ 920) = 
4

_
06 

N 
' (0.0125) 

The take-up speed can be computed using 

v = (LOO)(l/60)(1/60)(1/920) = l. 54 m!s 
1 (50x10 -6)(0.025)(5)n 

7.3 Derive Eq. (7. 14) which describes the thickness distribution in a long cylindrical 
thermoformed container. 

The first step in the drawing process is the formation of a spherical bubble 
of thickness hi-Through conservation of mass we can equate 

nR2flu = 2nR2hi 
which results in h1 = ho . At any time, the bubble thickness as it travels 

2 
down the cylinder is h. As the contact point in Fig. 7 .18 travels from 
S to S + dS, it deposits a cylindrical str ip of thickness h and width dh on 
the cylinder wall. A mass balance would result in 

2n/?2h = 2nR2 (h + dh) + 2n-Rhds 

which reduces to 

dh ds 
- = - -
h R 

which can be integrated with a boundary condition h = hi at s = 0 to give 

h=flue -1 
? 

,--
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Pro blems 

7 .1 Polyethy lene fibers are spun to a draw ratio, DR, of 20 through 300 µm diameter 
orifices at mass flow rates, ,ii, of 0.10 kg/hr per fiber. Using the data in Example 
7.1, find the range of allowable distances between the spinneret and the take-u p wheel. 

7.2 A polyethylene film is cast as shown in Fig . 7.4 at a speed of 0.3 mis with a draw 
ratio of 10. Use Figs. 3.2 and 3.7 to determine the constants in Eqs. (7.3) and (7.4). 

7.3 In Example 7.2, a faster cooling rate results in a freezing point of 130 mm above the 
die. What is the new bubble pressu re requirement? 

7.4 What is the bubble pressure required for the process presented in Example 7 .2, but 
with a blow-up ratio requirement of 4? What is the take-up speed? 

7.5 What is the cooling time required for a 0.5 mm thick HDPE blow molded bottle. The 
extrudate temperature is I 50 °c, and the mold temperature is 40 °c. The bottle can be 
safely removed from the cavity when the average temperature is 60 °c. Mat erial data: 

p = 950 kg!m 3
, CP = 2300 Jlkgl Kand k = 0.63 W/m/ K 

7.6 Derive Eq. (7.13) which describes the thickness distribution in a thermoformed conical 
container. 

7.7 Plot the thickness distribution along the wall of a 100 mm diameter, 400 mm deep 
cyli ndrical container thermoformed out of a polyst yrene sheet initially 2 mm thick. 

7.8 Plot the thickness distribution along the wall of a the rmoform ed 100 mm deep 
polystyrene juice cup. The cup mouth and bottom are 70 and 40 mm in diameter , 
respectively. The sheet was initially I mm thick. 
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8 Other Important Polymer Processes 

8.1 Calendering 

In a calender line, the polymer melt is transformed into films and sheets by squeezing it 
between pairs of co-rotating high precision rollers. Calenders are also used to produce 
certain surface textures which may be required for different applications. Today, 
calendering lines are used to manufacture PVC sheet, floor covering, rubber sheet, and 
rubber tires. They are also used to texture or emboss surfaces. When producing PVC sheet 
and film, calender lines have a great advantage over extrusion processes because of the 
shorter residence times, resulting in a lower requirement for stabilize r. This can be cost 
effect ive since stabilizers are a major part of the overall expense of processing these 
polymers. 

Figure 8.1 [l] presents a typical calender line for manufacturing PVC sheet. A typica l 
system is composed of: 

• Plasticating unit 
• Calender 
• Cooling unit 
• Accumulator 
• Wind-up station 

Internal batch mixer 

/ Strainer extruder 
Cal.ender Cooling rolls 

I 
,ssing 

Figure 8.1 Schematic of a typical calendering process (Berstorff GmbH) 

In the plasticating unit, the material is melted and mixed by an internal batch mixer or a 
roll-mill before it is fed between the nip of the first two rolls. Here, the first pair of rolls 
control the feeding rate, while subsequent rolls in the calender calibrate the sheet thickness. 
Most calender systems have four rolls as does the one in Fig. 8.1, which is an inverted L­
or F-type system. Other typical roll arrangements are shown in Fig. 8.2. After the main 
calende r, the sheet can be passed through a secondary calendering operation for 
embossing. The sheet is then passed through a series of chilling rolls where it is cooled 
from both sides in an alternating fashion. After cooling, the film or sheet is wound. 
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One of the major concerns in a calendering system is generating a film or sheet with a 
uniform thickness distribution with tolerances as low as ± 0.005 mm. To achieve this, the 
dimensions of the rolls must be precise. It is also necessary to compensate for roll bowing 
resulting from high pressures in the nip region. Roll bowing is a structural problem that can 
be mitigated by placing the rolls in a slightly crossed pattern, rather than completely 
parallel , or by applying moments to the roll ends to counteract the separating forces in the 
nip region. 

I-type F-type 

L-type Z-type 

Figure 8.2 Calender arrangements 

ANALYSIS OF CALENDERING 

Calendering can be modeled by assuming steady state, laminar flow and 
isothermal conditions. Such an analysis is presented by Middleman [2] and 
the main results are shown here. Assuming a power-law viscosity model 
given by 

11 -1•,1•-I _ -n( T- 70)1 · 1•-I ,, - m r1 - m0e y (8. 1) 

and the notation presented in the schematic shown in Fig. 8.3, the 
maximum pressure in the nip region can be calculated using 

P • .., = m P(n) fl lo 
(8.2) 

........--

8.1 Calendering 

f+ 
2h 

' t 
l+ 

Figure 8.3 Schematic of the calendering process 

where P(n) is presented in Fig. 8.4[2]. The roll separating force caused by 
the pressure distribution between the nip can be calculated using 

J=m(~J RWF(n) 
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n 
Figure 8.4 Pressure , force, and power functions versus power-law index 

(8.3) 

where W is the width of the sheet between the rolls and the quantity F(n) 
can be found in Fig. 8.4[2]. The power transmitted to the sheet between the 
nips can also be..calculate.d.usine 

161 
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( ) 

.. - 1 (JI 
S=mv2 ~ W~ ~ £(11) (8.4) 

where E(n) is presented in Fig. 8.4 [2]. 

The sheet thickness, 2h, as it emerges from the rolls is also a function of 
the power-law index and is presented in Fig. 8.5 for a system with a la,rge 
amount of material accumulated at the entrance of the nip region. For the 
case where a finite sheet of thickness 2h1.,d is fed through the nip region, 

the thickness of the film or sheet can be calculated using the curves 
presented in Fig. 8.6 [3]. 

1.30 

1.28 

_p 1.26 

:C: 1.24 

1.22 

1.20 0 0.2 0.4 0.6 0.8 
n 

Figure 8.5 Sheet thickness as a function of power-law index for a )arge reservoir 

thickness 

1.: 

.P 1 .. 

:c: 

hf/ho 

Figure 8.6 Sheet thickness as a function of upstream reservoir thickness for various 

power-law indices 
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8.2 Coating 

In coating a liquid film is continuously deposited on a moving, flexible or rigid substrate. 
Coating is done on metal, paper, photographic films, audio and video tapes, and adhesive 
tapes. Typical coating processes include wire coating, dip coating, knife coating, roll 
coating, slide coating, and cunain coating. 

In wire coating, a wire is continuously coated with a polymer melt by pulling the wire 
through an extrusion die. The polymer resin is deposited onto the wire using the drag flow 
generated by the moving wire and sometimes a pressure flow generated by the back 
pressure of the extruder. The process is schematically depicted in Fig. 8.7.* The second 
normal stress differences, generated by the high shear deformation in the die, help keep the 
wire centered in the annulus [4]. 

Manifold I 

Mandrel orifice Torpedo 

Figure 8. 7 Wire coat ing process 

Dip coating is the simplest and oldest coating operation. Here, a substrate is 
continuously dipped into a fluid and withdrawn with one or both sides coated with the 
fluid. Dip coating can also be used to coat individual objects that are dipped and withdrawn 
from the fluid. The fluid viscosity and density and the speed and angle of the surface 
determine the coating thickness. 

Knife coating, depicted in Fig. 8.8, consists of metering the coating material onto the 
substrate from a pool of material, using a fixed rigid or flexible knife. The knife can be 
normal to the substrate or angled and the bottom edge can be flat or tapered. The thickness 
of the coating is nearly half the gap between the knife edge and the moving substrate or 
web. A major advantage of a knife edge coating system is its simplicity and relatively low 
maintenance. 

Roll coating consists of passing a substrate and the coating simultaneous ly through tbe 
nip region between two rollers. The physics governi ng this process is s imilar to 
calendering, except that the fluid adheres to both the substrate and the opposing roll. The 

• Other wire coating processes extrude a tubular sleeve which adheres to the wire via stretching and 
1M,,-,.,.,_ ert. : ~ • 11 1 , • · 
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coating material is a low viscosity fluid, such as a polymer so lution or paint and, is picked 
up from a bath by the lower roll and applied to one side of the substrate. The thickness of 
the coating can be as low as a few µm and is con trolled by the viscos ity of the coating 
liquid and the nip dimension. This process can be configured as either forward roll coating 
for co-rotati ng rolls or reverse roll coating for counte r-rotating rolls (Fig . 8.9). The reverse 
roll coating process delivers the most accurate coating thicknesses . 

Knife 

I l :::-:-.., ....___ ., v 

Figure 8.8 Schematic of a knife coaling process 

FILM TIIlCKNESS IN FORWARD ROLL COATING 

Using the nomenclature in Fig. 8.9, the thickness ratio of the film trave ling 
with the rolls after they split can be calculated using [5] 

T2 =(U2)" 
T, U, 

(8.5) 

where the exponent E is related to the shear thinning effect of the polymer 
melt. Figure 8.10 [5] presents E as a function of the power-law index. 

r 
T2 T2 

t-~ 
Forward roll coating Reverse roll coating 

U1 U1 

Figyn, 8.~Scbemati~ .of forward and revers~ roll coating processes 

8.2 Coating 

Experi\ 

0.6 l-
A 

I / 
E 

0.4 

I ----.. Finne element 

0.2 0.4 0.6 0.8 1.0 

Power law index, n 

Figure 8.10 Constant E for Eq. (8.5) used to compute coating thickness in forward roll 

coaling 

RIBBING IN ROLL COATING 

A defect that often forms during roll coating is caused by the ribbing 
instabi lity. Here , sinusoidal waves across the web fonn, leaving so called 
rake lines in the moving direction of the substrate. Figure 8.1 1 [5] present s 
the critical capillary number, which detennines the onset of instabilitie s 
during forward roll coating as a function of roll geometry. The capillary 
number in Fig. 8.11 is defined by 

Ca=µv 
a, 

(8 .6) 

where µ is the viscosity of the coating fluid, v is the average roll speed, 
and a, is the surface tension of the fluid in air. 
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FILM TlilCKNESS IN REVERSE ROLL COATING 

Using the nomenclature used in Fig. 8.9, the film thickness in a reverse ro.11 
coating operation can be computed using the graph presented in Fig. 8.12 
[5]. 

1.0~~....,....~~....,....~-.-..-.-...-.....,......-r-,--,....,--.,-.-,r,--,-,--,-rr, 

C 
~ 

I 
§ o., 
.,= 
-0 
@ 
Q) 

ai 
:E 

A Experimental Ca:1.5 

0.1 0.2 

Theory 
Ca:5 

0.3 0.4 

Speed ratio, U1/U2 

Theory 
Ca:1 

.!;ub rication model 

0.5 0.6 

Figure 8.12 Film thickness versus roll speed ratio for various capilary numbers 

Here, the capillary number is calculated using 

Ca= µU2 
<Y, 

(8 .7) 

where U2 is the speed of the applicator roll. The figure shows how well 
theory agrees with experiments. 

Slide coating and curta in coating, schematically depicted in Fig. 8.13, are commonly used 
to apply multi -layered coatings . However, curtain coating has also been widely used to 
apply single layers of coatings to cardboard sheet. In both methods, the coating fluid is 
pre-metered . 
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Slide surface 

Slide coating Curtain coating 

Figure 8.13 Slide and curtain coating 

8.3 Processing Reactive Polymers 

Reactive polymers, such as thermosets , undergo a chemical reaction during so lidificat ion. 
Jn process ing, thermosets are often grouped into three distinct categories, namely those that 
undergo a heat activated cure, those dominated by a mixing activated cure, and those 
activated by the absorption of humidity or ultra violet radiation. Examples of heat activated 
thermosets are pheno lics; examples of mixing act ivated cure are epoxy resins and 
polyurethane. Simila rly to thermop lastics, thermosets either cure via condensation 
polymerization or addition polymerization. 

Conde nsation polymerization is the growth process that results from combining two or 
more monomers with reactive end-groups, and leads to by-products such as alcohol , water 
and acid . The by-product of the reaction when making phenolics is water. Another well 
known exampl e of a thermoset that cross links via condensation polymerization is the co­
polymerization of unsaturated polyester with styrene molecules, also called free radical 
reaction , as shown in Fig. 8.14. The molecules contain several carbon-carbon double 
bonds which act as cross linking sites during curing. An example of the resulting network 
after the chemical reaction is shown in Fig. 8. 15. 

No matter which category of thermoset, its curing reaction can be described by the 
reaction between two chemical groups denoted by A and B which link two segments of a 
polymer chain. The reaction can be followed by tracing the concentration of unreacted As 
or Bs, CA or CB, respectively. If the initial concentrations of As and Bs are defined as CAo 
and CBo, the degree of cure can be described as 

C 
CAO -CA 

CAO 
(8.8) 
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The degree of cure or conversion, c, equals zero when there has been no reaction and 
equals one when all As have reacted and the reaction is complete. It is difficult to monitor 
reacted and unreacted As and Bs during the curing reaction of a thermoset polymer. 
However, the heat released during curing can be used to monitor the conversion, c. When 
small samp les of an unreacted thermoset polymer are placed in a differential scanni ng 
calorimeter (DSC), each at a different temperature, every sample releases nearly the same 
amount of heat, QT, This occurs because every cross link that occurs during a reaction 
releases a little heat. For example, Fig. 8. 16 [6] shows the heating rate during isothermal 
cure of a viny I ester at various temperatures . 

.... 00? ? OO-CH2·CH2-oyc 

CH=CH CH=CH CH=CH 
I \ I 
COO-CH2-CH2-00C COO .... 

+n•[CH2=CH] 
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Figure 8. 14 Symbolic and schematic representations of uncured unsaturated polyester 

~ tH ~tH 
"=1 1 ~ I I 

CH2 CH2 ~CH 
I I ~I 

.... CH-fH-COO-CH 2-CH2-00C-yH-CH-COO-CH 2-CH2-00C-yH-CH .... 
~CH ~CH CH ~, ~, ,2 

yH2 fH2 0-fH 

8=CH 

tH ~CH 
I ~I 
yH2 yH2 

.... CH-CH-COO-CH2-CH2-00C-CH-CH 
~tH ~tH ~, ~, 

fH2 CH2 

Figure 8.15 Symbolic and schematic representations of cured unsaturated Polyester 
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Figure 8.16 DSC scan of the isothermal curing reaction of vinyl ester at various temperatures 

CURING REACTION MODELS 

The degree of cure of a tbermoset resin can be defined by the following 
relation 

Q c=-
Q, 

(8.9) 

where Q is the heat released up to an arbitrary time t. DSC data is 
commonly fitted to empirical models that accurately describe the curing 
reaction. Hence, the rate of cure can be described by the exotl1erm, Q and 
the total heat released during the curing reaction, QT. The curing kinetics for 
many heat activated cure materials, such as vinyl esters and unsaturated 
polyesters, can be described fairly well using the Kamal-Sourour Model (7) 
given by 

dc=.Q_= a,eRT+a
2
eRTc"' (1-c)" • ( b, b, ) 

dt QT 
(8. IO) 

where the six constants can be fit to DSC data. 
On the other hand, mixing activated cure materials such as polyurethanes 

instan tly start releasing exothermic heat after the mixture of its two 
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